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Abstract
Venezuelan refineries are going to be dealing in the near future with VGOs (vacuum gas oil)
feedstocks having increased amounts of aromatics. There will also be tighter sulfur content
specifications in gasoline. This MESc study considers the application of an additive (HIPZD) together with a Y zeolite (commercial catalyst) in Fluid Catalytic Cracking (FCC) riser
units. The HIPZ-D additive is a technology of PDVSA Intevep (oil research institute of
Venezuela). The goal is to establish desirable conditions for using HIPZ-D additive as an
effective agent for gasoline sulfur reduction. With this end, an HIPZ-D additive is contacted
with blends of thiophene or benzothiophene and 1,3,5-trimethylbenzene representing a highly
aromatic gasoline. As well, various blends of HIPZ-D additive and FCC catalyst are studied
in a CREC fluidized riser simulator, using temperatures, partial pressures, reaction times and
C/O ratios representatives of FCC industrial operation.
It is found that thiophene conversion over HIPZ-D under aromatic conditions occurs
according to a selective adsorption process followed by thiophene alkylation, and catalytic
cracking. It is also observed that the selective adsorption of thiophene over the HIPZ-D is
dominant for reactions times lower than 7 s. Thus, the present MESc study describes
favorable HIPZ-D additive application conditions for thiophene sulfur reduction in gasoline
in FCC units.

Keywords
Thiophene, benzothiophene, FCC gasoline, aromatic, sulfur reduction, FCC additive, FCC,
gasoline, catalyst selectivity, zeolites, HIPZ-D, reaction mechanisms.
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Chapter 1
Introduction and Scopes
1.1 Introduction
Nowadays Venezuela has the second largest reserve worldwide with 211 thousand 173
million barrels of proven extra heavy oil reserves (PDVSA, 2008). Additionally, the
potential reserves in the Orinoco heavy oil belt region have been estimated at about 1,200
billion barrels. The Orinoco belt region essentially contains extra-heavy crude: crude oil
of less than 10° API. To commercialize this crude PDVSA considers different strategies
such as crude upgrading (Mommer 2004 and PDVSA 2008). Currently, PDVSA has a
processing capacity of 610,000 b/d of extra-heavy crude which are converted into
543,000 b/d of upgraded oil with a 25° API average gravity.
PDVSA is analyzing the possible increasing of upgraded crude processing in Venezuelan
refineries. This processing approach will influence unit operations and quality of the
produced VGO (vacuum gas oil). This will in turn influence Fluid Catalytic Cracking
(FCC) operations.
Upgraded oils usually have a high content of aromatics being a blend of different streams
coming from delay coke units. Thus, it is expected, Venezuelan refineries are likely going
to be process feeds with an increase aromatic content.
Moreover, PDVSA Intevep is working as well, towards the development of new
technologies to reduce sulfur in gasoline in order to comply with tighter gasoline
specifications. Thus, PDVSA faces two major technology challenges in FCC. First, there
is a requirement of using highly aromatic VGO, and secondly there is a need of sulfur
reduction in the produced gasoline.
Regarding FCC units in Venezuelan refineries, they have as their main goal the
production of gasoline and light gases with both domestic and international market
specifications. FCC processes in PDVSA generate approximately a third of the total
volume of gasoline. This gasoline contributes with more than 90% of the total sulfur
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content in the gasoline pool. Thus, reduction of sulfur in FCC gasoline, using sulfur
reduction additives is becoming a critical alternative to have gasoline with better quality.
The use of GSRA (gasoline sulfur reduction additives) in FCC gasoline (Cs+ to 221 °C)
has emerged as a valuable approach to address sulfur removal. GSRA by itself or in
synergy with other pre-treatment and post-treatment processes promise to allow
reductions of up to 20 wt% of sulfur in gasoline (Bari et al., 2007 and Handing, 1994a).
Sulfur reduction agents in the form of additives have the advantage of being able to be
used as part of the FCC catalyst inventory. Additives can be added and /or removed at the
discretion of the refiners without involving a temporary shutdown of the FCC plant.
Different kinds of FCC sulfur reduction additives for gasoline have been proposed and
demonstrated in the last 10 years, with the additive activity being strongly affected by
their formulation. Some additives are based on molecular sieve materials. These
molecular sieves contain Lewis acid sites which are considered hydrogen transfer
promoting centers. For these additives, a Lewis acid site may involve transition metals
such as Zn, Cu, Ni, Co, Fe, Mn, and more preferably Zn (Wormsbecher et al., 1993,
Myrstad et al., 1999 and 2002 and Bhore et al., 2003).
On the other hand, other additives for sulfur removal can be based on a metal function
contained in a zeolite.

Metallic sites remove sulfur species from the feed, via the

transformation of the sulfur organic species into inorganic sulfides. It is believed that the
molecular sieve component of the additive provides shape (size constrain) while the
metallic species on the zeolite provide adsorption sites for sulfur species (Turner et al.,
2010, Chester et al., 2005a, 2005b, 2008, 2009a and 2009b, Hu et al.,2008 and Cheng et
al., 2008).
Given the high interest and value of this topic, the present MESc research considers
reaction engineering studies using a PDVSA’s additive, designated as HIPZ-D. The
HIPZ-D additive is studied under fluidized bed conditions. The HIPZ-D additive is
contacted with blends of thiophene/l,3,5-trimethylbenzene and benzothiophene/1,3,5trimethylbenzene representing a highly aromatic gasoline. The HIPZ-D is constituted by
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a metalloaluminosilicate (zeolite) with an Offretite (OFF) topology and Zn embedded in
its structure. During the preparation process this zeolite is blended with other materials
such as a kaolin filler and a Ludox binder (Quesada et al., 2006a-2006b and Vitale-Rojas
et al., 2002).
The HIPZ-D additive was evaluated in the present study mixing it with a FCC
commercial catalyst with 25 wt% of Y-zeolite. Various blends of HIPZ-D additive and
FCC catalyst were studied in a CREC fluidized riser simulator (de Lasa, 1992).
Temperatures, partial pressures, reaction times and C/O (catalyst/oil) ratios were selected
to be representative of FCC industrial operating conditions.

1.2 Scope of the research
The main objective of the present research is the evaluation of an HIPZ-D additive for
gasoline desulfurization in a gasoline aromatic environment.
It is proposed to carry out this research using mixtures of HIPZ-D additive and FCC
commercial catalyst. It is also planned to assess the additive and FCC catalyst blends
performance using as indicators model compound conversions and product yields. It is
expected that the proposed methodology will provide enhanced understanding of reaction
mechanisms involving the HIPZ-D additive and FCC catalyst.
The specific objectives of the present study are:
1. To

establish

both

HIPZ-D

additive

and

commercial

FCC

catalyst

physicochemical properties using: a) particle size distribution (PSD), b) average
bulk density (ABD), c) x-ray diffraction (XRD), d) surface area (BET and Tplot), e) porosity distribution, f) inductively coupled plasma mass spectrometry
(ICP-MS), and g) x-ray fluoresce (XRF).

2. To develop an experimental program using the CREC Riser Simulator reactor
examining desulfurization performance of the HIPZ-D additive under typical,
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FCC reaction conditions. The experimental work will include catalyst testing
under at least 3 temperatures, 3 reaction times and 5 different HIPZ-D additive
and FCC catalyst blends.

3. To establish dominant influence of “sulfur species selective adsorption” using
thiophene, benzothiophene and 1,3,5-trimethylbenzene. It is expected that the
selected model compounds will provide valuable insights on both sulfur
contained species conversion and product selectivity over different HIPZ-D
additive and FCC catalyst mixtures.

4. To establish that the HIPZ-D additive and FCC catalyst solid blends lead to best
sulfur reduction performance in the highly aromatic gasoline environment.
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Chapter 2
Literature Review
Literature Review

The objective of this chapter is to review the technical literature vis-à-vis of the different
types of FCC gasoline sulfur reduction additives (GSRA) and their reaction mechanism.
One can notice that FCC units involve the use of FCC commercial catalyst (based on in
Y-zeolites). Hence, a review of the reduction sulfur species using a FCC commercial
catalyst is also presented in this chapter.
Moreover, it can also be noticed that the effectiveness of desulfurization may be strongly
influenced by FCC unit operating variables and VGO feedstock quality. Given these
facts, the effect of FCC unit operation variables in sulfur reduction and the potential
effects of crude upgrading are also included in this review.

2.1 Introduction
New solid GSRA are been designed to reduce the concentration of sulfur in FCC
gasoline. This step can be considered as a primary sulfur management operation.
However, this step can also create valuable synergy between post or pre treatment and
FCC units. The significance of this is a function of sulfur content in the VGO and the
specific configuration of the refinery.
Lesemann et al., (2003) claimed that sulfur reduction additives can have an incremental
cost of 0.26 cents$/g above the conventional FCC catalyst and this to achieve a sulfur
removal of 10 - 30 % in gasoline. These same authors report data from a Canadian
refinery showing sulfur reduction of 30% using a GSRA technology.
The GSRA technology has as a main feature its flexibility. Additives can be added and/or
removed from the FCC unit at the discretion of the refiner without involving a temporary
shutdown of the plant. There are different kinds of GSRAs for FCC, with GSRA
differences mainly encompassing their formulation, hi a good number of cases, additives
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are catalysts with rare earths or/and zeolites and a matrix. Of paramount importance
appear to be the high GSRA hydrogen transfer, contributing to the conversion of
mercaptans, disulfides and alkylthiophenes into H2S and olefins. Key in these additives
appears to be the number of available Lewis sites (Lesemann et al., 2003 and Can et al.,
2007).
In this respect, FCC sulfur reduction additives have been designed and demonstrated in
the last 10 years. A number of patents consider impregnated cation in zeolites as new
additives. Transition metals such as Zn, Cu, Ni, Co, Fe, Mn and more preferably Zn in
zeolites promote formation of Lewis acids. Lewis acids contribute in this respect towards
enhanced hydrogen transfer (Lesemann et al., 2003, Myrstad et al., 2002 and 2004,
Bhore et al., 2003).
Other patents alternatively claim the value of adding metals to zeolites in order to remove
the sulfur contained in the VGO. These additives capture sulfur via formation of
inorganic sulfide species. It is believed that metal doped molecular sieves thus provide
constrained shape, metal sites for species adsorption and sulfur capture (Turner et al,
2010, Chester et al., 2005a, 2005b, 2008, 2009a and 2009b, Hu et al., 2008 and Cheng et
al., 2008).

2.2 Summary of different alternatives to reduce sulfur in
FCC gasoline
Sulfur content in FCC gasoline depends on different variables such as the source of the
VGO, with the VGO pre-treatment being an overriding factor. Typically, in FCC between
2-20% of the feed sulfur ends up in the gasoline fraction (Cs+ to 221 °C). When the FCC
unit is operated with an hydrotreated VGO, the sulfur content in the produced gasoline is
usually 5%. In contrast, a non-hydrotreated VGO can lead to 10% sulfur content in
gasoline. However, the sulfur content in the FCC gasoline depends as well of a number of
other factors such as the gasoline final distillation boiling point temperature or the
distillation end point (215-225 °C). It is in this heavier fraction where most of the heavier
sulfur species can be found (Bari et al., 2007).
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There are different options to reduce sulfur in FCC gasoline as follows: a) Gasoline post
hydrotreatment, b) VGO pre-hydrotreatment, c) Adjustment of the boiling point of the
FCC gasoline, d) Use of GSRAs, e) Use of FCC catalysts enhancing high hydrogen
transfer and f) Optimization of the FCC operating conditions.
For instance, increasing the role of VGO pre-hydrotreatment is recommended if the
sulfur content in the FCC feed is high. In this manner the refiner can make adjustments in
the sulfur content of the VGO fed to the FCC unit achieving the sulfur content
specification in the gasoline produced (Aponte Y., 2008).
As well other possible approach to reduce sulfur in FCC gasoline involves the careful
selection of gasoline end point. This allows the sulfur species in the heavy bottom of the
gasoline distillation unit to leave as a separate stream. This option leads however, to
significant losses in the volume of gasoline produced. Table 2.1 reports a typical
distribution of sulfur in FCC gasoline (Valla et a l, 2004). In this respect Valla et al.,
(2004) suggested an optimization of sulfur species boiling point distribution to be able to
minimize gasoline losses.
Table 2.1. Sulfur Species in FCC gasoline (Valla et al, 2004)
Sulfur compounds in FCC gasoline

Boiling range (°F)

Mercaptans
Thiophene
Ci thiophenes, tetrahydrothiophene
Cj thiophenes
C3 thiophenes, thiophenol
C4 thiophenes, Ci thiophenol
Benzothiophene, C2 thiophenol

<150 (65.5 °C)
150-200 (65.5-93.0 °C)
200-250 (93-121 °C)
250-300(121-149 °C)
300-375 (149-190 °C)
350-1- (177 °C)
375+ (190 °C)

Conventional post-hydrotreatment processes are also proposed to reduce sulfur in
gasoline. Post-hydrotreatment can however decrease octane number in gasoline. This is
due to the saturation of the olefinic double bonds in gasoline contained species. In this
respect, selective hydrotreatment of FCC gasoline provides an approach to minimize
octane number losses, restoring octane number with gasoline alkylation. Several
processes

such

as

Prime

G+®

(Axens-IFP),

SCANfming®

(ExxonMobil),
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CDHydro/CDHDS® (CDTech), Oct-Gain® (ExxonMobil) and ISAL® (UOP-INTEVEP)
optimize the overall HDS/hydrogenation selectivity minimizing octane loss (Brunet et al.,
2005).
As a result, various alternatives have emerged in FCC processes to address sulfur
reduction, achieving this in synergy between FCC feed pretreatment, FCC gasoline post
treatment, or/and GSRA addition in FCC and FCC with enhancement of hydrogen
transfer. Given GSRAs in FCC are estimated to decrease of up to 20% of sulfur in
gasoline, all other post-treatment and pre-treatment operations can provide extra sulfur
reduction.
GSRA can be added to solid inventory of the FCC unit. So refiners can add and/or
remove at their discretions sulfur removal additives without a temporary shutdown of the
FCC plant. Another advantage claimed for GSRAs, is the significant flexibility provided
to the refinery either for changes in the post-treatment and pre-treatment units.
Additives used to reduce sulfur in FCC gasoline are catalysts that promote high hydrogen
transfer. With this end, rare earth in zeolite content such as KING or ReUSY can be used.
These FCC additives are active to convert mercaptans, disulfides and alkylthiophenes
yielding higher H2S and olefins with increased conversions. The key property for these
additives appears to be the number of active sites provided by the rare earths (Can et al.,
2007 and Bari et al., 2006).
Regarding FCC catalysts with high hydrogen transfer capabilities, they can promote
desulfurization in gasoline. However, one has to exercise difficult balance given
enhanced hydrogen transfer may also lead to significant drops in gasoline octane number,
bringing gasoline octane number out of required specifications (Lappas et al., 2004).
Adjustment of operations conditions, such as temperature and C/O ratio (catalyst/oil)
have been also considered to reduce sulfur in FCC gasoline. Valla et al, (2004) found
that a rise of 20 °C can increase 19% sulfur content in gasoline. Collet et a l, (1996)
showed in a pilot plant unit that increasing the temperature from 515 to 545 °C can
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augment sulfur content in gasoline 16.5%. Moreover, a temperature rise from 485 at 535
°C can make this increase as high as 20%.
Thus, reactor temperature has a critical role influencing cracking and hydrogen transfer
rates. Both reaction steps play important roles in thiophene reduction. Increasing the
hydrogen transfer augments sulfur removal. Hydrogen transfer is however exothermic.
Thus, higher temperatures if controlled by reaction equilibrium may reduce hydrogen
transfer and influence the entire reaction mechanism (Lappas et al., 2004). As a result, it
is advisable to reduce temperature to decrease sulfur levels in FCC gasoline, enhancing
hydrogen transfer. This proposed strategy is in contrast with the refinery worldwide trend
to operate FCC units at higher temperatures maximizing light olefins and gasoline octane
number. In addition, reactor temperature decreases may negatively affect the enthalpy
catalyst which in turn can influence the thermal balance of the FCC unit, and the VGO
conversion (Baumann J. P., 2007).
Other potential alternatives as discussed previously, is to increase the C/O ratio. The
technical literature reports in this respect controversial results. Valla et al., 2004 found
that increasing the C/O ratio promotes sulfur reduction negatively affecting gasoline
octane content. Collet et al., (1996) advised to decrease the C/O ratio to reduce sulfur
without affecting the octane number in gasoline. Overall, it can be concluded that
unfortunately none of the described alternatives provide clear guidelines for reducing
sulfur content in the gasoline produced in FCC units.

2.3 FCC gasoline sulfur reduction additive
FCC sulfur reduction in gasoline using additives represents an in-situ FCC riser
approach. Some of the sulfur containing molecules may crack selectivity to lower
molecular weight sulfur species such as H2S. Additives are mainly supported metal
oxides such as Zn, Zr, Co, Ni or Mn with Lewis acid properties. These oxides can be
impregnated on alumina, hydrotalcite, titania, zeolite or Mg(OH)0 (Bari et al., 2007). A
summary of technologies of the available GSRAs are described in the following sections:
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2.3.1 Technologies for gasoline sulfur reduction using solid additives
sorted by manufacturer
Companies around the world have developed their own additives for the FCC. Solid
additives, typically remove from 8 to 25 wt% sulfur contained in gasoline.
However, it is claimed that an increased sulfur reduction can be accomplished with
advantage using in conjunction additives and FCC cracking catalysts. Sulfur contained
hydrocarbons yield smaller hydrocarbon molecules and H2S. Additives when loaded to
the FCC units have shown 20-50 wt% reduction in sulfur in gasoline.
A number of companies including Grace Davison, Albemarle, Marathon Oil,
ExxonMobil, Statoil, Intercat and even joint venture companies have proposed additives
for sulfur removal in FCCs. The share aim is to reduce sulfur species contained in the
gasoline boiling range. One can notice that proposed additives are based on different
formulations; hence they promote different reaction pathways. Table 2.2 summarizes the
most relevant patents for FCC gasoline sulfur reduction additives published in the last 10
years and more directly related with this research.
Moreover and to provide a better understanding of various sulfur reduction approaches a
brief discussion of the technology and sulfur reduction mechanisms are reported sorted
by technology owner.

2.3.1.1

Marathon Petroleum Company LLC additives

Turner et al., (2010) proposed additives based on metal oxide of group VIB (5-20 wt %)
and VIII (2-5 wt %), preferably, cobalt and molybdenum. It is claimed these additives act
as sulfur reducing species in gasoline and diesel manufactured in FCC units. These metal
oxides are claimed to have the potential of being used in three ways. First, they can be
impregnated on any FCC commercial catalysts. Second, they can be added to the
feedstock as metal naphthalenes. Finally, they can be supported on refractory inorganic
oxides (alumina, clay, silica, titania and mixtures thereof) or activated carbon, and added
as part of the FCC catalyst inventory (e.g. 5-30 wt% range).
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The reaction mechanism of these additives is believed to be based on organic molecules
being converted into cobalt and molybdenum sulphides in the presence of H2S. Hence,
part of the sulfur reduction is due to a lower H2S level. This lower H2S reduces the H2S
reaction with the formed olefins. The sulfur removed in the FCC is then captured as metal
sulphides which are later on converted into SOx in the FCC regenerator.

2.3.1.2 W.R Grace & Co additives
W. R Grace developed a significant number of patents for sulfur reduction additives.
Some of their formulations are based on an oxidized metal component including
vanadium, zinc, iron, cobalt, gallium oxides dispersed in a molecular sieve (Chester et
al., 2009b, Cheng et al., 2008 and Roberie et al., 2002). For instance, Roberie et al.,
(2002) developed such a formulation using 2-10 wt% vanadium impregnated into various
supports (e.g. alumina, silica, titania, clay and/or mixtures of these oxides and activated
carbon). In addition, Chester et al., (2009a) proved the value of using vanadium as a
metal component in large pore molecular sieve such as zeolites.
Furthermore even more encouraging are results reported in a later patent (Chester et al.,
2009a and Cheng et al., 2008), where rare earth components were proposed as additives.
In this respect, cerium was introduced in the additive. Ce in the presence of V enhances
sulfur reduction even if rare earths per se do not have sulfur reduction activity. Rare earth
ions appear to improve catalyst stability in the presence of vanadium. For example,
higher cracking activity can be achieved with Re+V/ USY catalyst while compared to a
V/USY catalyst.
Removing sulfur with these additives involves conversion of feed organic sulfur into
inorganic sulfur with loaded metals providing adsorption sites for sulfur species. It is also
claimed that 25 wt% of additives in the catalyst inventory can reduce 17-56 wt% of sulfur
with this sulfur capture capability being a function of the FCC catalyst used, the VGO
conversion, and the FCC unit operating conditions.
Hu et al., (2008) proposed zeolites exchanged with yttrium and other metal such as zinc,
magnesium or manganese as a sulfur removal additives. It is claimed that the sulfur
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reduction occurs via catalytic cracking of VGO at elevated temperatures on the additive
itself. It is believed that the sulfur removed is converted into sulfide form and released as
hydrogen sulfide. Thus, an increase in H2S in the gas product must be expected.
Regarding activities from W.R. Grace, there are a number of earlier patents which even if
less successful have been helpful to provide a rational for the FCC GSRA mechanism
while using metal oxides. It is valuable to mention in this regard, the work by
Wormsbecher et al., (1994 and 1996). These authors used a 1 to 50 wt% of Ni, Cu, Zn,
Ag, Cd, In, Hg, Sn, Ti, Al, Bi, B, Pb and Ga supported in alumina. It was claimed that the
dominant reaction was the reaction of Lewis base functions of sulfur feedstock
hydrocarbon species, interacting with the Lewis acid on alumina. In this respect two
Lewis acid sites were identified on the additive formulation: a) metal components, b)
alumina support. Once sulfur containing hydrocarbon species are adsorbed on the Lewis
acid sites, they are subsequently combusted in the FCC regenerator. Thus, combustion
frees Lewis solid acid sites for another adsorption cycle in the FCC riser unit.
Finally, it is interesting to mention that W.R Grace additive with the SurCa commercial
name have been demonstrated in more than 60 refineries with sulfur reduction of to 30 %.

2.3.1.3

Intercat Inc. additive

Intercat’s additives have been proposed with one or more oxidant metals, supported on
hydrotalcite (Vierheilig et al., 2008). Metal oxides can be divalent or trivalent species.
Metal oxides considered includes the following: Sb, Bi, Cd, Ce, Co, Cr, Cu, Dy, Er, Eu,
Gd, Ge, Au, Ho, Ir, Fe, La, Pb, Mg, Mn, Nb, Ni, Nd, Pd, Pt, Pr, Os, Ru, Rh, Sc, Sm, Se,
Si, Ag, S, Tl, W, V,Ta, Te, Tc, Sn, Ti, Yb, Zn, Y or a mixture of two or more thereof. In
spite of their claimed performance, there is no comprehensive rational describing how
this GSRA can reduce sulfur compounds.
Intercat additives are commercially available under several brand names such as LGS150, LGS-500 and LGS-300. It is postulated that these additives remove up to 25 wt% or
more of full range FCC gasoline sulfur species. Proposed additive concentrations in the
catalyst inventory are in the 10 wt% to 20 wt% range.
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2.3.1.4 Albemarle additives
Albemarle developed in earlier 2000s the RESOLVE series additive for gasoline sulfur
reduction. There is however a most recent additive from Albemarle called R-975 TM.
This additive contains a zeolite, matrix and selective metal components. Using the R-975
TM additive, sulfur contained in light rich-hydrogen molecules (e.g. mercaptans) is
reduced via species cracking into light hydrocarbons and H2S. Heavier hydrogen
deficient species such as aromatic gasoline containing benzothiophene are however
captured as coke. The sulfur-rich coke is transported into the FCC regenerator where it is
combusted releasing sulfur as SOx. A proposed mechanism for Albemarle GSRA is
shown in Figure 2.1 (Albemarle 2011).

Figure 2.1. Mechanism of reaction for GSRA using RESOLVE (adapted from
Albemarle commercial information 2011)
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2.3.1.5 Statoil additives
Statoil GSRAs are materials formed by hydrogen promoters such as Pt supported on
Lewis acid impregnated hydrotalcite. Lewis acid promoting species are selected from a
group of transition metals such as Zn, Co, Ni, Cu, Fe, and Mn. It is believed that using
this additive, sulfur contained species are cracked to H2S, with Pt promoting hydrogen
transfer. As a result sulfur contained hydrocarbons are desulfurized as follows (Mystard
etal., 2004):
RS + H2 <-> H2S + R

2.3.1.6 ExxonMobil corp & W.R Grace & Co.
ExxonMobil in association with Grace proposed a number of sulfur capture additives
(Bhore et al., 2003 and Chester et al., 2005a, 2005b and 2008). Additives involve a metal
component with a possible oxidation state above zero such as vanadium, zinc, iron,
cobalt, and gallium. It is proposed that this metal component be supported on a molecular
sieve such as large pore zeolite beta, Y, CREY, ReY, USY, ZSM-5, medium pore (ZSM5/18/22/23/35/50/57/22 and MCM-22/49/56) or non zeolite material such as MeAPO-5,
MeAPSO-5, or mesoporous MCM-41. It is considered as well that this additive to act as
an effective sulfur removal material being used as 1 wt% -50 wt% fraction of the catalyst
inventory. It is expected two mechanistic steps are involved while using these additives:
a) cracking of sulfur contained hydrocarbon species yielding H2S, b) conversion of
organic sulfur species into inorganic sulfides with metals providing the sites for sulfide
species.

2.3.1.7

Saudi Arabian Oil Company and King Fahd University of
Petroleum & Minerals

The additive formulations proposed for Bourene et al., (2010) and Dean et al., (2008) are
based on two impregnated metals (Zn-Ga or Zn-Zr) on an amorphus inorganic oxide or
montmorillonite clay (preferably) with 150-350 m2/g specific surface areas. It is claimed
that clay materials possess considerable capacity to reduce the sulfur fraction. It is also
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considered that the impregnation of Lewis acids with two metals such as Ga or Zr and Zn
yield an additive with significant sulfur reduction capacity. However, benzothiophene is
converted in small quantity only. In contrast, when Zn is impregnated on the clay as a
single metal only, Zn by itself does not produce a significant sulfur reduction.
It is claimed this additive can remove up to 28 wt% of sulfur in FCC gasoline. Proposed
amounts of additive in the catalyst inventory are in the 3 wt% to 50 wt% range. In our
view and spite of their claimed performance, there appear there is no clear
phenomenological support for the use of this additive as sulfur reduction agent.

2.4 Mechanism of reaction of FCC commercial catalyst
based on Y-zeolite in FCC desulfurization
To establish possible mechanisms for sulfur conversion in FCC units using commercial
FCC catalyst (based on Y-zeolite), consideration of sulfur species contained in gasoline
can be grouped as follows:
1. Mercaptans
2. Thiophene and Alkyl-thiophene
3. Benzothiophene and Alkyl-Benzothiophene

2.4.1 Cracking of mercaptans:
Corma et al., (2001) proposed that most sulfur containing species can be cracked forming
H2S and saturated hydrocarbons with this process not affecting coke yield. This reaction
takes place primarily in the zeolite pores via hydrogen transfer and become more relevant
at high cracking severity. Mercaptans can also be products formed by cracking of the
VGO feedstock. For example, dibutylsulphide reacts as it is shown in Figure 2.2. The
general reaction for mercaptan conversion is also reported in Figure 2.3.
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Figure 2.2. Cracking dibutylsulphide over FCC commercial catalyst based on Y
Zeolite (Adapted from Corma et al., 2001)

H2
tranfers

*• Paraffins

Figure 2.3. General schematics of mercaptan reaction over FCC commercial Y
Zeolite catalyst (Adapted from Corma et al., 2001)

2.4.2 Cracking of thiophene and alkyl-thiophenes
Corma et al, (2001) postulated that thiophene is mainly converted into coke, with some
other species being converted into gasoline and light gases. It appears that 2methylthiophene is more easily cracked to form gasoline and gases. It is also pointed out
that thiophene and 2-methylthiophene can hardly crack directly and as a result a previous
partial saturation of the molecule via hydrogen transfer is required. In this respect it can
be postulated that 2-methylthiophene react much faster than thiophene yielding more
straightforwardly to the formation of tertiary carbonations upon protonation under
hydrogen transfer conditions. Figure 2.4 reports this description.
It is also believed that large chains of alkyl thiophenes, with an alkyl chain of more than
three carbon atoms, may lead to cyclization with the side chains yielding
monoalkylbenzothiophene, such as described in Figure 2.5 for penthylthiophene: Thus,
introduction of a solid promoting hydrogen transfer may lead to formation of
alkylbenzothiophene.
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Figure 2.4. Cracking 2-methylthiophene over FCC commercial catalyst based on Y
Zeolite (Adapted from Corma et al., 2001)

Figure 2.5. Cracking penthyl thiophene over FCC commercial catalyst based on Y
Zeolite (Adapted from Corma et al., 2001)
Moreover, it was observed that there is also the possible competitive adsorption on the
same active sites of sulfur contained species and other aromatics. This competitive
adsorption lowers cracking rates. The reverse is also true. For instance, toluene reduces
the cracking of mercaptans of tetrahydrothiophene and increases the yield of
alkylthiophene and benzothiophenes. As a result VGO with increased content of
aromatics may lead to a gasoline with higher sulfur content (Corma et al., 2001). Figure
2.6 reports the general mechanism for thiophene and alkylthiophene species postulate by
Corma et al., (2001).
Shan et al., (2002) conducted mechanistic studies on thiophene species over USY zeolites
under mild conditions (460 °C and C/O: 2.5). Figure 2.7 reports the proposed reaction
mechanism. It was found that thiophene crack over Y-zeolite producing propylene,
butane, butane and FfeS. Furthermore, alkylthiophenes and benzothiophene are produced
via cracking of polymerized thiophene derivatives.

18

Figure 2.6. General reaction scheme of thiophene and alkyl thiophene species being
converted over FCC commercial catalysts containing Y Zeolites (Adapted from
Corma et al., 2001)
Valla et al,, (2006) also found that thiophene under FCC conditions (560 °C and 12 s) is
partially converted producing H2S and S contained in coke. Thiophene under a rich
hydrocarbon environment is alkylated producing short chain alkylthiophenes. As reported
in Figure 2.8 alkylthiophenes are saturated producing tetrahydrothiophene.
Leflaive et al., (2002) showed as well that H2S and olefins produced in the FCC unit may
form thiophenic derivatives. Thiophene is quite stable not reacting significantly under
FCC conditions (500 °C). Alkylthiophenes reactivity is a function of the side carbon
chain length. As a result, long alkyl chain thiophenes produce thiophene and short alkyl
chain thiophenes.
Harding et a l, (1994) studied the kinetics of thiophene using hexadecane to simulate the
FCC feed. It was concluded that most of the sulfur containing species are removed given
the strong sulfur species adsorption catalyst affinity. Furthermore, it was also found that
the position of the alkyl chain with respect to the sulfur atom does not influence the
cracking rate.

2.4.3 Reactivity of benzothiophenes and alkyl-benzothiophene
Corma et al., (2001) found that only a small portion of benzothiophene is cracked to
gasoline components while other fractions are converted into coke or alkylbenzothiophenes. With regard to the alkyl-benzothiophenes formation it was observed
that there is a protolityc cracking of the alkyl chain which leads to the production of light
gases as well as benzothiophene.
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A general reaction of sulfur contained species using FCC commercial catalysts (based on
Y-zeolite) is reported in Figure 2.9.

Figure 2.7. Cracking thiophene over FCC commercial catalyst based on Y Zeolite
under mild conditions (Adapted from Shan et a l, 2002)

Figure 2.8. Cracking thiophene over FCC commercial catalyst based on Y Zeolite on
560 °C (Adapted from Valla et al., 2002)
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Figure 2.9. General reaction scheme for gasoline contained sulfur species cracking
in FCC units (Adapted from Corma et al., 2001)

2.5 Mechanism of reaction of GSRA in FCC desulfurization
Section 2.3.1 describes the different GSRA formulations as well as the reaction
mechanisms associated with the proposed additives. One can also notice that GSRAs still
do not provide the desire performance. Can et al., (2007) and Corma et al., (2001) argued
that sulfur reduction using GSRA still require a FCC catalyst with high hydride transfer
and high catalytic cracking activity. It is considered that this is necessary to get the
expected synergistic effects occurring once Bronsted acid (FCCcatalyst) and Lewis acid
(GSRA) at present simultaneously. Given these facts, it is postulated as it will done in
the upcoming sections that the mechanism of sulfur removal shall include both the GSRA
and the FCC catalyst contribution.

2.5.1 Cracking of thiophene and alkyl-thiophenes
Can et al., (2007) considered thiophene conversion mechanisms using additives as
described in Figure 10. The proposed additives were alumina doped with Na, Zn and F.
These authors consider a two step process: a) in the first step the FCC catalyst (USY)
transform thiophene into tetrahydrothiophene (THT), b) in the second step THT is
cracked to 1,3-butadiene and H2S in GSRA. One important observation is that individual
additives without being mixed with FCC catalyst are inactive. However, when they were
blended with FCC catalyst, the Zn/A^O3 additive promoted both THT and (alkyl)
thiophene conversion. Thus, Al203-based additives reduce thiophenic compounds by
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converting by hydrogen transfer the THT produced over the FCC catalyst (Figure 2.11).
This combined activity of additive and FCC catalyst explain why the cracking of THT is
the limiting step in for gasoline sulfur reduction.
Thus, various studies confirm a synergetic FCC catalyst and GSRA effect. The H-Y
zeolites contribute to THT dehydrogenation yielding thiophene and in lesser extent H2S
and hydrocarbons. The GSRA helps promoting cracking as a result additional sulfur
removal as H2S.
As an alternate explanation to the reaction mechanism, Myrstad et al., (1999) proposed a
reaction path involving sulfur removal using a Zn/Mg(Al)0 additive. It was postulated
that sulfur contained cyclohydrocarbons which adsorbed first in the additive. These
adsorbed species are cracked later forming H2S (Figure 2.12).

O

Al

O

“1

o --------- Al

O

Figure 2.10. THT mechanism of reaction for GSRA based on Zn or Na or F/AI2O3
(Adapted from Can et al., 2007)
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Figure 2.11. Thiophene and alkyl-thiophene reaction for additives based on
Zn/Al2 C>3 + FCC commercial catalyst (Adapted from Can et a l, 2007)

Figure 2.12. Thiophene and alkyl-thiophene reaction for additives based on
Zn/Mg(Al)0 + FCC commercial catalyst (Adapted from Myrstad et al., 1999)
Bari et a l, (2006) studied additives supported on alumina with zinc, titanium and
gallium. It was found that methylthiophenes (Ci-Ths) were less reactive than other
alkylated thiophene species. It is hypothesized that long chain alkyl thiophenes are
dealkylated as follows: a) the butylthiophenes (C4-Ths) are converted to propylthiophenes
(C3-Ths), b) the C3-Ths yield to ethylthiophenes (C2-Ths), and c) the C2-Ths form Ci-Ths
(Figure 2.13). These authors postulated that hydrogen transfer is needed for Th saturation
while adsorption sites are required for sulfur removal (Figure 2.12).

Figure 2.13. Thiophene and alkyl-thiophene reaction for additives based on Zn or Ti
or Ga/AI20 3+ Commercial Catalyst (Adapted from Bari et a l, 2006)
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2.5.2 Reactivity of benzothiophenes and alkyl-benzothiophene
Bari et al., (2006) contributed with studies of sulfur removal with zinc, titanium and
gallium supported in alumina. It was found that using these additives benzothiophene
undergoes mainly alkylation yielding however, sulfur compounds with display a
molecular weight superior than gasoline.
Anderson et al., (1999) reported high activity for the cracking of sulfur compounds in
additives including Zn, Co, Mn and ZrO supported on hydrotalcite, y-alumina and titania.
In this case, desulfurization of benzothiophene is believed to happen via saturation of the
aromatic ring (hydrogen available) and subsequent cracking yielding H2S and
hydrocarbons.
In contrast with this reaction path, an additive with the Resolve commercial name,
patented by Albemarle 2011 considers that benzothiophene is converted mainly to coke
via adsorption of coke precursor as shown in Figure 2.1.
In summary, sulfur conversion using GSRAs depend on the specific additive formulation.
In many instances, the additive performance is the result of synergetic effects between the
FCC based Y-zeolite catalyst and the GSRA with Bronsted and Lewis acid functions
being essential.

2.6 Effect of other operational variables on desulfurization
in FCC
2.6.1 Temperature
Valla et al., (2004) obtained an increase of thiophenes and benzothiophenes contents in
FCC gasoline during catalytic cracking when the temperature was augmented. These
authors attributed this behavior to the dealkylation of alkyl- thiophenes and
benzothiophenes.
thiophene.

The same observation was found by Leflaive et al., (2002) for

It was observed that temperature may increase thiophene yield with an
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increased influence of H2S reaction with olefins. It was assumed that higher temperatures
promote endothermic cracking reactions causing a rise in the cracking rate of highly
reactive sulfur species such as mercaptans and sulfides. The outcome is an increased
amounts of H2S, with more H2S being available to react with olefins.
On the other hand Shan et al., (2002) found that the optimal temperature for thiophene
cracking is 400 °C at 60 seconds of reaction time with a C/Oratio of 2.5. Furthermore,
these author reported that the conversion of thiophene does not increase with temperature
monotonously. These authors argued that hydrogen transfer plays a very important role in
thiophene conversion network saturating thiophene cracking products. Higher
temperatures reduce the influence of exothermic hydrogen transfers. Furthermore, it was
also found that the thiophene conversions and benzothiophene yields are affected in a
similar manner by temperature. This means that thiophene cracking is the precondition
for the benzothiophene formation (refers Figure 2.7, benzothiophene formation).

2.6.2 Feedstock quality
Regarding feedstock quality Corma et al., (2001) reported that a high olefin content in the
feed increases alkylthiophenes conversion. In fact, it appears that adding olefins in the
feed decreases both light gas and coke formation increasing the gasoline fraction. This
behavior is justified given the positive effect of olefins on cracking initiation by the
formation of carbenium ions on the catalyst surface.
In reference to aromatic feedstocks, Corma et al., (2001) showed that the high content of
monoaromatics such as toluene reduces both mercaptan and tetrahydrothiophene cracking
increasing the yield of alkylthiophenes and benzothiophenes. Thus, and as a result of
toluene addition in the feed, a gasoline with higher sulfur content is produced. It is
hypothesized that the strong adsorption affinity of toluene in the feed is the responsible
for the cracking rate reduction.
Furthermore, it has been reported that the vanadium in the feedstock enhances the sulfur
reduction in FCC. Roberie et al., (2006) claimed that addition of vanadium species in the
VGO feedstock favors deposition of vanadium species on the catalytic cracking catalyst.
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For instance vanadium content up to 500-2000 ppm reduces 25 wt% of organic sulfur
species under FCC conditions.
It appears in this respect that both nickel and vanadium species on FCC catalyst have
beneficial effects on sulfur reduction in FCC gasoline. In fact, taking advantage of metal
content in the VGO has proven to be one of the most successful ways to reduce sulfur in
FCC gasoline (Lappas et al., 2002 and 2004).

2.6.3 FCC catalyst
Lappas et al., (2004) reported that the use of ZSM-5 as an additive increase the sulfur in
the gasoline instead of reducing it. It is believed that this effect is the result of thiophenic
compounds increase. With ZSM-5 olefins formed react with disulfides or H2S producing
thiophenes via cyclization.
Valla et al., (2006) studied the difference in sulfur compound removal using both an
equilibrium cracking catalyst from a refinery and a steam deactivated catalyst. These
authors concluded that metals in equilibrium catalysts from a refinery catalyze
\

cyclization, polymerization and condensation with thiophene as well as benzothiophene
being mainly converted to coke. On the other hand and in their view, steam deactivated
catalysts free of metals promote alkylation of benzothiophene and saturation of thiophene
which decomposed into H2S and hydrocarbons. These reactions are possibly due to the
strong acid sites present on the steamed catalyst. Then, catalysts with or without
deposited metals influence sulfur species conversion in a significantly different manner.
Harding et al., (1994a and 1994b) evaluated USY and ReY under FCC conditions. These
authors found that tetrahydrothiophene crack at a slow rate in USY than using ReY.
Moreover, catalyst formulation plays an important role in sulfur reduction. Chester et al.,
(2005a) proposed V-Ce supported on USY and rare earths of USY (ReUSY). It is
claimed that these catalysst reduce significantly the sulfur in the gasoline produced.
Another example, it is a FCC catalyst proposed by O’Connor et al., (2005) which contain
about 10-35 wt% of a metal doped anionic clay. The metal doped anionic clay is
obtaining mixing divalent and trivalent metals. The suggested trivalent metals are Al, Ga,
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In, Fe, Cr, V, Co, Mg, Ce, Nb and/or La. These authors suggested as divalent metals Ni,
Co, Fe, Co, Mg, Ca and/or Ba. It is claimed that this kind of catalyst formulation can
improve of sulfur reduction. For example, Dai et al., (2009) reported that V enhances the
Lewis acidity. Adding V content increases only the weak Lewis acidity, which augments
the sulfur reduction rate, avowing coke formation promoted by strong Lewis sites.
Iron is also an important species to reduce sulfur in FCC. Chester et al., (2008) found that
Fe/ZSM-5 reduces sulfur when Fe is limited to 4.4 wt%. Exceeding this Fe level limits
sulfur reduction with more sulfur observed in gasoline.
Finally, Na can also play an important role in sulfur reduction. Hu et al., (2005) observed
that the Na20 in the FCC catalyst can affect Lewis acidity. For instance 0.2 wt% or less
of Na20 is adequate to decrease sulfur components in gasoline.

2.7 Crude oil upgraders in Venezuela
PDVS A-Venezuela has established joint ventures with several large corporations to
operate its crude upgraders. PDVSA has a capacity of 610,000 b/d of extra-heavy crude
conversion to yield 543,000 b/d of upgraded oil with an average of 25° API (Mommer
2004 and Chang 1998).

Most well known upgrader operations in Venezuela are as

follows:
a)

Petrozuata. This upgrader began operations in 2001. At full capacity the plant

processes 120,000 b/d of extra-heavy crude, which are being transformed into 104,000
b/d of upgraded oil (20 °API).

b) Petrocedeno, S.A (formely called Sincor): This upgrader was set on stream in 2002.
At full capacity the plant processes 160,000 b/d of extra-heavy crude, which are being
converted into 144,000 b/d of upgraded oil (32° API).

c)

Petropiar, S.A (formely called Hamaca or Ameriven): This unit began to be operated

in 2004. At full capacity the plant processes 210,000 b/d, transforming into 190,000 b/d
of upgraded oil (25° API).
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d) Petromonagas, S.A (formely called Cerro Negro): This unit started to be operated for
the first time in 2001. At full capacity converts 120,000 b/d of extra-heavy crude to be
transformed into 105,000 b/d of upgraded oil (17° API).

To illustrate the operation of these upgraders and how their operation affects the quality
of VGOs, the Petrozuata process scheme is described in Figure 2.14 . This schematic
shows that this upgrader converts 9.3 °API crude to 19 - 26 °API crude. The main
components of the upgrader are a desalter, a 172,000 b/d atmospheric distillation unit, a
116,000 b/d vacuum distillation unit, and a 52,000 b/d delayed coke. The process flow
involves a desalting step followed by an atmospheric crude unit (ACU) and a vacuum
crude unit (VCU). The vacuum bottom material is sent to resid conversion in a Delayed
Coker unit (DCU). The combined gas oils from the vacuum crude unit (HVGO) and the
resid conversion (HCGO and FZGO) are mixed and disposed as Heavy Gas Oil. The
heavy gas oil is also used as a component in the final heavy upgrade crude oil (19° API).
On the other hand, the distillates from VCU (LVGO and HCGO), ACU (Diesel) and
DCU (LCGO) are sent to the Distillate system (DESTILATES). These streams are used
in the blends of heavy and light (26° API) upgraded crude oils. In addition, a stream of
naphtha is produced from the atmospheric unit and DCU. The DCU produced naphtha is
treated in hydrotreating unit and after it is mixed with the ACU stripper naphtha.
(Mommer 2004, Chang 1998, PDVSA 2008 and 2002).
The upgraded crude oil is formed by different streams coming from the Delayed coker
unit. These are steams rich in aromatic hydrocarbons. Then, in a refinery, which operates
with a conventional Venezuelan crude oil, changes in the upgrade crude may lead to new
compositions in all the streams to be supplied for refining such as the atmospheric units,
vacuum units, and FCC units to mention a few. In the case of the FCC, most of the VGO
upgraded contents mainly HCGO or LCGO, will be rich in aromatics. These streams are
usually hydrotreated before feeding FCC units.
Arias et al., (2008) and Criterion (2008) developed different studies for establishing the
strategies for processing HCGO in the VGO hydrotreating units. These authors found that
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the feed usually increases the number of mono-aromatics after hydotreating. For this
reason it is expected an increase of the monoaromatic fraction in the VGO feed of FCC
while cracking the upgraded crudes coming from Venezuelan refineries

Figure 2.14. Process scheme of the Petrozuata crude oil upgrader

2.8 Conclusions
The following are the more relevant conclusions of the literature review:
a) New trends of crude upgrading in Venezuelan refineries will increase the aromatic
content in the FCC feedstock. This is particularly true if VGO feeds are hydrotreated and
as a result the mono aromatic content is increased.
b) Operation variables affect the sulfur reduction in FCCU. Studies have shown that
increasing the reaction temperature augments thiophenes and benzothiophenes species in
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the gasoline cut. Contaminants in the feed such as V and Ni improve the desulfurization
in the FCCU. While, high olefin content increase the sulfur content in the gasoline cut
because the olefin reacts with H2S.
c) Sulfur reduction with GSRAs involves a synergetic effect. Both the Y-zeolite based
FCC catalyst and the gasoline sulfur reduction additive have an important and
irreplaceable function in the sulfur reduction process. Catalyst properties as well as
chemical structure of sulfur species contained in the feed and in the gasoline can also
have great influence on additive performance.
d) GSRA mechanism depends on specific additive formulation. Addition of metals (Zn,
Ga, Zr or Y) within a sieve material leads to an increase of Lewis sites hence favors
hydrogen transfer. V or Ce involves removal of sulfur with conversion of organic sulfur
into inorganic sulphide species. These species form sites for sulfur species adsorption.
e) Thiophene can be alkylated by GSRA producing alkylthiophene or adsorbed on sites
where saturated species are converted into H2S and light hydrocarbons. Desulfurization
of benzothiophene is also believed to take place through saturation of the aromatic ring
and subsequent cracking yielding H2S and hydrocarbons and coke.

30

Table 2.2. Summary of the some patents for FCC gasoline sulfur reduction additive published in the last 10 years
Patent number/
Assignee
US 7,763,164/
Marathon
Petroleum
Company LLC
US 2010/0032343
Al/ Aranco and
King Fahd
University
US 7,507,686/
W.R Grace & Co.

Reference
Turner e t a l ,
D ecem ber
2010.

Summary of additive behaviour

Additives Formulation or Claims

C o b a lt an d m o ly b d en u m o x id e s in th e p resen ce o f H 2S are
co n verted to m etal su lfid e s. Sulfu r reduction in v o lv e s th e H 2S
av a ila b le to react w ith o le fm s.

M eta l o x id e s o f th e V IE (5 - 3 0 w t% ) and V III (2 - 1 0 w t% ) g ro u p s
su ch as c o b a lt and m olyb d en u m , supported on alum ina, c la y ,
silic a , tita n ia and m ix tu res th e r e o f or activated carbon.

A d d itive red u ces sulfur o f the hydrocarbon cracking the
organic m o lecu le.

T w o m etals im pregnated on m ontm orillon ite clay. First m etal
com p on en t from the G roup IV and a seco n d m etal from the G roup
II both o f the P eriodic T able. Preferable Z n -G a or Zn-Zr.
Zn-Ga o r Zn-Zr /C la y (preferable)

S u lfu r red u ction in v o lv e s a co n v e r sio n o f organ ics sulfur

A m etal c o m p o n e n t w ith oxid ation state a b o v e z ero (p referab le V )
an d cerium (0 .1 -1 0 % ) in a m o lecu la r s ie v e su ch as a large p ore
b eta z e o lite , U S Y , Z S M 5 , or n o n z e o lite M e A P O -5 , M e A P S O -5

CoO-MoO / Alumina (preferable)
B ourane e t
a l , February
2010
C h ester e t a l ,
M arch 2 0 0 9 .

US 7,476,638.
W .R Grace & Co.

C hester e t a l ,
Jan 2 0 0 9 .

US2008/0156698
W.R Grace & Co.
US 7,452,839 W .R
Grace & Co.

c o m p o u n d s in th e fe e d to inorgan ic sulfu r com p ou n d s. M etal
co m p o n en ts p ro v id e th e site s fo r th e adsorp tion o f su lfu r
sp e c ie s and th e z e o lite or other m o lecu la r s ie v e p ro v id es
sh ap e se le c tiv ity .

o r m eso p o ro u s M C M -4 1.

Ce - V /USY (preferable)

Sulfur reduction e n co m p a sses co n version o f organics sulfu r
com p ou n d s con tain ed in the feed to inorganic sulfur sp ecies.
M etallic sp e c ie s p rovid e the sites for the adsorption o f sulfur
sp e c ie s and the z eo lite or other m olecu lar sie v e p rovid es
shape selectiv ity .

A m etal com p on en t w ith oxid a tio n state above zero su ch as
vanadium , zin c, iron, cobalt, galliu m in m olecu lar s ie v e s su ch as
large
p ores
beta
z e o lite ,
U SY,
m ordenite,
ZSM 5 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 , or non z eo lite M eA P O -5 , M eA P S O -5 or
M C M -4 1 /4 8 /2 2 /5 6 /4 9 . V /USY (preferable)

Hu e t a l,

S u lfu r red u ctio n o f th e fe e d fraction occu rs v ia catalytic

Ju ly 2 0 0 8

crack in g a t e le v a te d tem perature u sin g th e ad d itives form ed
b y z e o lite , yttrium and Z n .

A m etal co m p o n en t yttrium (0 .1 -1 2 w t% ) and se c o n d group m etal
su ch as zin c, m ag n esiu m and m an gan ese e x ch a n g ed in a z e o lite ,
U S Y , m ord en ite, Z S M -5 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 , etc.

C h en g e t a l ,
N ovem ber
2008

Sulfur reduction in v o lv e s a co n v ersio n o f organ ics sulfur
com p ou n d s con tain ed in the feed into inorganic sulfur sp e c ie s.
M etallic sp e c ie s p ro v id es the sites for the adsorption o f sulfur
sp e c ie s and the z e o lite or other m olecu lar sie v e p rovid es
shape selectiv ity .

A m etal c o m p o n en t (0 .5 -5 % ) w ith oxid ation state ab o v e zero su ch
as V , Z n, Fe, C o , G a and rare earth co m p o n en ts both in a p orou s
m olecu lar s ie v e su ch as large pore beta z eo lite, U S Y , m edium
pore (Z S M -5 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 ), or non z e o lite M eA P O -5 , M e
A P S O -5 or M C M -4 1 /2 2 /4 9 /5 6 .
Re / V / U S Y (preferable)

V ie r b e ilig e t

M etal o x id e s in th e a d d itiv e s are m eta llic oxid an t w h ich ca n
red u ce su lfu r in F C C g a so lin e . T h e m ech an ism o f red u ction is
n o t d iscu ssed .

H yd rotalcite or calcin ated h ydrotalcite and a m etal o xid an t
se le c te d from S b , B i, C d, C e , C o , Cr, C u, D y , Er, E u, G d, G e , A u ,
H o , Ir, F e, L a, Pb, M g, M n , N b , N i, N d , Pd, Pt, Pr, O s, R u, R h ,
S c , S m , S e , S i, A g , S , T l, W , V ,T a, T e, T c, S n , T i, Y b , Z n, Y or a
m ixtu re o f tw o or m ore th ereof.

Y-Zn/USY (preferable)

US 7,347,929
Intercat Inc

a l , M arch

2008.
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Table 2.2 (continued). Summary of the some patents for FCC gasoline sulfur reduction additive published in the last 10 years
Patent number/
Assignee
US 6,974,787
ExxonMobil corp
& W.R Grace &
Co.

Reference

Summary of additive behaviour

Additives Formulation or Claims

C h ester e t a l.,
D ecem ber
2005

Su lfu r red u ction in v o lv e s c o n v e r sio n o f organ ics sulfu r
sp e c ie s con tain ed in th e fe e d to in organ ic sulfu r com p ou n d s.
M eta llic sp e c ie s p r o v id e d ie site s fo r th e ad sorption o f sulfur
sp e c ie s and th e z e o lite or other m o lecu la r s ie v e p ro v id es
sh ap e se le c tiv ity .

M eta l co m p o n en t c o m p r isin g vanadium w ith an oxid a tio n state
greater th an zero in a p orou s m o lecu la r s ie v e (U S Y ) d isp ersed in a
m atrix co m p risin g alu m in a, silica -a lu m in a w ith c la y , and a seco n d
m etal co m p o n en t c o m p risin g C e load ed in th e p orou s o f th e s ie v e
com p on en t.
Ce - V /USY (preferable)

US

6,923,903
ExxonMobil corp
& W.R G r a c e &
Co.

C hester e t a l ,
A u g u st 2005

Sulfur reduction in v o lv e s c o n v ersio n o f organics sulfur
sp ecies con tain ed in th e feed to inorganic sulfur com p ou n d s.
M etallic sp e c ie s p rovid e the sites for the adsorption o f sulfur
sp ecies and the z e o lite or other m olecu lar sie v e p rovid es
shape se le c tiv ity

M etal com p on en t w ith oxid a tio n state a b ove zero such as V , Zn,
Fe, C o, G a load ed the p orous o f a m olecu lar sie v e su ch as large
pore beta z e o lite , U S Y , Z S M -5 , m edium
pore (Z S M 5 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 and M C M -2 2 /4 9 /5 6 ) or non z e o lite M eA P O 5, M e A P S O -5 or m eso p o ro u s M C M -4 1 . The c o m p o sitio n also
com p rises a se c o n d m etal su ch as cerium .

US 6,852,214.
ExxonMobil corp
& W.R Grace &
Co.

C h ester e t a l ,

T he m ech an ism o f su lfu r sp e c ie s red u ction con tain ed in the
fe e d in v o lv e s th e transform ation o f th e sulfur organ ic
com p o u n d s in th e fe e d to in organ ic su lfu r. S ie v e p ro v id es

M eta l co m p o n en t w ith o x id a tio n state a b o v e zero su c h as V , Z n ,

6,635,169.
Mobil oil
corporation & W.
R. Grace &CoConn.

B h o re e t a l.,
O ctuber 2 0 0 3

A d d itive red u ces sulfur o f the hydrocarbon feed b y cracked to
form H 2S. It is im portant to keep th e h igh state o f oxid a tio n o f
the m etal com p ou n d s, h en ce m ore o x y g e n w ill be requiring in
FC C U .

T he ad d itive is co m p o se d b y a m etal w ith oxid a tio n state ab o v e
zero; V , Z n, Fe, C o, G a w ith in o f the p orou s o f a m olecu lar sie v e
such as large pore z e o lite beta, Y , C R E Y , R E Y , U S Y , Z S M 5 ,
m ed iu m pore (Z S M -5 /1 8 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 and M C M -2 2 /4 9 /5 6 )
or non z e o lite such as M eA P O -5 , M eA P S O -5 , M C M -41.
V / U S Y or Beta (examples)

M ystards e t

T he p r o c e ss p ro p o sed that th e a d d itive red u ce sulfu r o f th e
hydrocarbon w h ic h is cracked as fo llo w :

H yd rotalcite m aterial im p regn ated w ith L e w is acid . T he L e w is
acid' is se le c te d from a group o f elem en ts o f tran sition m eta ls

Ce - V /ReY (preferable)

US

US 6,497,811
Den Norke Stat
Oljeselskap S.A.

February
2008

shape se le c tiv ity v a r y in g th e p o re siz e , and th e m etal site s in
z e o lite p rovid e th e adsorp tion site s fo r th e su lfu r sp e c ie s.

a l,

D ecem ber
2002

RS + H

R ob erie e t

V anadium im p roves th e rate o f sulfur rem oval o f the liquid
product, the ad d itive acts rapidly in transporting vanadium
over the centre crack in g catalyst inventory. Sulfur rem oval for
this catalyst system is con verted to the inorganic form and
released as h ydrogen su lfid e.

2

# 2^ "b ^

F e, C o, G a lo a d ed th e p orou s o f a m o lecu la r s ie v e su ch as large
p ore b eta z e o lite , Y , C R E Y , R E Y , U S Y , Z S M 5 , m ed iu m p o r e
(Z S M -5 /1 8 /2 2 /2 3 /3 5 /5 0 /5 7 /2 2 and M C M -2 2 /4 9 /5 6 ) or n on z e o lite
su ch as M e A P O -5 , M e A P S O -5 , or m eso p o ro u s M C M -4 1

p referab ly Z n , C o , N I, C u, F e , and M n and m o st u se d Z n. T h e aim
is to im p rove th e h yd rogen transfer prom oter u sin g Pt.

Pt/Zn/ Mg(Al)0, Zn/Mg(Al)0
US 6,482,315-W.
R. Grace &CoConn

a l .,

N o v em b er
2002.

A h igh lev el (2 -1 0 w t% ) o f vanadium con ten t supported on
p oly cry sta llin e m aterial w ith the fram ew ork b ased on three
d im en sio n a l n etw ork o f o x y g e n atom s con tain in g gen erally
tetrahedral typ e sites, w h ere cation s such as B e, M g, Zn, C o, Fe,
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Chapter 3
Experimental Methods
3 Experimental methodology
3.1 Introduction
Processing upgraded crudes affect the VGO feedstock quality to be used in the FCC units.
In hydrotreated VGO, the aromatic content and especially the mono aromatic content is
augmented. As a result of this it was judged that a good model compound for the gasoline
species is 1,3,5-trimethylbenzene.
Gasoline sulfur reduction additive (HIPZ-D) together with a Y zeolite (commercial
catalysts) were used in this research. A model compound, thiophene and benzothiophene,
were selected as sulfur key species in gasoline.
The experiments were developed using the CREC (Chemical Reactor Engineering Center)
fluidized riser simulator (de Lasa, 1992). The CREC “Riser Simulator” is a laboratory
scale mini-fluidized bed unit with 60 cm3 and 1 g of catalyst capacity, which simulates the
operating conditions of an industrial unit in terms of reaction time, temperature,
hydrocarbon partial pressures and catalyst/oil ratios.
Both thermal and catalytic runs were performed in the CREC Riser Simulator described
above. Different mixtures of additives and catalyst (0, 10, 20, 30 and 100 wt%) were
evaluated,

using

thiophene/l,3,5-trimethylbenzene

and

benzothiophene/1,3,5-

trimethylbenzene as reactants under close to atmospheric pressure, 520, 530, and 540 °C
temperatures, and 5, 7, and 10 s contact times. The catalyst to oil ratio (C/O) was set at 6
and the impeller velocity at 5700 rpm to achieve good fluidization. To ensure the validity
and reproducibility of the data, all measurements were repeated at least 3 times for each
experiment.
The identification and quantification of products were done using 6890N gas
chromatograph (GC), connected to an Agilent 5973N mass selective detector (MSD). The
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MSD was used to identify the reaction products. The GC was also connected to a flame
photometric detector (FPD) and flame ionization detector (FID), allowing product
quantification. The FPD was the one specifically utilized for detection of sulfur species.
Prior to the experimental runs calibration curves were developed to correlate the calculated
GC areas and concentrations of sulfur in the hydrocarbon mixture. In addition, the FID
was employed to quantify the hydrocarbon species.
The amount of coke in the used catalyst and additive was measured by the Total Organic
Carbon Analyzer (TOC-V CPH) from the SHIMADZU Company using the solid sample
module (SSM-5000A). On the other hand, the amount of sulfur in the used catalyst and
additive was determined with a LECO 985 equipment.

3.2 Catalyst system and materials
PDVSA Intevep additive (HIPZ-D) mixed with a Y zeolite (commercial catalyst) were
used in this research. The FCC gasoline sulfur reduction additive, called HIPZ-D, is a
aluminosilicate (zeolite) with an Offretite (OFF) topology and Zn included in its structure.
The active ingredient of the HIPZ-D additive was available in HIPZ-D zeolite (OFF) form
and was mixed during the fluidizable pellet manufacturing process with other materials
such as kaolin and Ludox (Quesada et al., 2006a). For the reactivity studies, the FCC
commercial FCC catalyst was deactivated hydrothermally with steam during 7h in a steam
deactivation plant, while the HIPZ-D additive was used in its fresh form.
Thiophene C4H4S (Aldrich 99+% purity) and benzothiophene CgHeS (Aldrich 99% purity)
species, were selected as key sulfur containing species in gasoline. Gasoline was simulated
using 1,3,5-trimethylbenzene C9H12 (Sigma-Aldrich 98% purity, called Mesitylene).

3.3 Physico-chemical characterization
The physical chemical characterization of the FCC catalyst and the additive were
performed using the following analysis:
S Particle size distribution (PSD)
■S Average bulk density (ABD)
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X-ray diffraction (XRD)

■S Surface area (T-Plot)
S Porosity Distribution
•S Temperature programmed of desorption (TPD)
•S Fluorenscence of X-Ray (XRF) to detect the metals the composed the solids
S Inductively coupled Plasma (ICP) to quantify the metals in the solids.
The particle size distribution of the original FCC catalyst and HIPZ-D additive
components was carried out in a Saturn DigiSizer II unit from Micromeritics. Following
the separation of fractions established for the additive and FCCcatalyst, the particle size
distributions for both FCC catalyst and HIPZ-D additive were measured in the equipment
Mastersizer 2000i model Malvern in order to check overlapping of the fractions.
The T-plot and porosity distribution analysis were obtained in a Micromeritics equipment
model ASAP 2010. In addition, the same information was obtained by PDVSA Intevep in
the Tristar 3000 from the same company. Regarding the TPD, it was performed in a
Micromeritics AUTOCHEMII2920 V4.00 unit.

3.4 Reaction system
Experiments were carried out using the CREC Riser Simulator (de Lasa, 1992). A
schematic diagram of CREC Riser Simulator is shown in the Figure 3.1.
It can be observed that the main reactor consists of an upper and lower shell that allows the
catalyst to be loaded and unloaded easily into a basket. This basket is located in the lower
reactor shell.
The catalyst basket is contained in between by two grids, which trap the catalyst and
restrict its mobility within the basket. The CREC Riser Simulator reactor is designed to
create an annular space between the outer portion of the basket and the inner walls of the
bottom shell. This space allows the recirculation of chemical species in the reactor by the
rotation of an impeller positioned above the catalyst basket. A metallic gasket is used to
seal the two chambers. Additionally a packing gland assembly with a cooling jacket
supports and seals the impeller shaft. As the impeller rotates, a low-pressure region is
formed in the center region of the impeller blades. As a result, gas introduced into the
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bottom shell of the reactor is induced to move upwards through the catalyst basket. Upon
entering the basket, the gas mixes with the catalyst and causes the solid particles to
fluidize, improving the contact between the gas and solid phases. Gas mixing patterns in a
CREC Riser Simulator can be represented as ideal batch well-mixed unit.
The reactor volume is found to be 60.1±0.8 cm . This volume includes the reactor and the
connecting lines within the reactor and the 4-port valve (4PV). A detailed explanation of
the procedure followed to measure the reactor volume is reported in Appendix A.

PACKING
,
GLANO ASSEMBLY.
SH AFT
COOLING UN IT

Im p e l l e r
U P P ER S H E L L
IN CO N EL GASK ET
BOTTOM SH ELL

CATALYST
BASKET

BAS K ET
HEATER

Figure 3.1. Schematic Description of the CREC Riser Simulator
The CREC Riser Simulator operates in conjunction with: a) a four-port valve, which
enables the connection and isolation of the reactor, b) a vacuum box, and c) a series of
sampling valves (six-port valve) that allow the withdrawal of reaction products in short
periods of time. The sampling system also allows sending the reaction product sample to
the analytical system. Figure 3.2 reports a schematic diagram of the CREC riser simulator
experimental setup.
All the connections of the CREC riser simulator were replaced by Sulfmert™ coated
tubing in order to avoid adsorption and desorption of sulfur compounds in the lines.
The CREC Riser Simulator is equipped as well with three ways valves: V) and V2 valves.
Vi valve is used to select the gas carrier (air or argon) fed to the reactor and vacuum
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system. Argon is used during reaction period as an inert gas while air for coke combustion
during catalyst regeneration. V2 valve is used to vent the system or create vacuum in the
system or help to connect the vacuum box with vacuum pump.
Valves V3a and V3b are on-off valves which separate the vacuum box from the vacuum
pump. All valves are of the solenoid type and are controlled from the control panel.
The 4-port chromatographic valve (4PV) connects the reactor with the air/argon supply at
one end, as well as with the vacuum system at the other end. In the open position, the
following is accomplish: the gases (Ar or reaction products) in the reactor flow through the
4-port valve, entering into the reactor through the inlet port, flows out of the reactor
through the outlet port, goes back into the valve and finally goes to the vacuum box. While
in the closed position, the reactor is completely isolated from the rest of the system; thus
argon carrier gas or reaction products going to the 4PV will bypass the reactor, flowing
directly into the vacuum chamber.
A stainless steel vacuum chamber is connected to the 4PV. This vacuum box volume was
found to be 1175 ± 3 cm3 (refer to Appendix A). This volume includes the vacuum
chamber, connecting lines, 6PV and sample loop. Its large volume allows quick and easy
removal of gas products as well as unreacted feed from the smaller volume CREC Riser
Simulator.
Additionally, a large pressure difference is attained using a vacuum pump in order to
remove effectively the reactor contents. Pressure traducers connected to both the riser and
vacuum box allow the measure the pressures in both systems. The reaction time is set with
a timer connected to the actuator of the 4PV. This timer is linked to a micro-switch located
in the manual injector. When the plunger of the syringe is pushed all the way forward to
deliver its contents to the reactor, the injector switch is pressed and the timer is started.
Once the required reaction time is reached, the actuator opens the 4PV and the reactor is
emptied due to the pressure difference between the reactor and the vacuum box. Then, the
reactor can be closed again using the manual actuator of the 4PV.
A 6-port chromatographic valve (6PV) is installed after the vacuum box. This valve has
two allowed positions: load and inject. These two valve positions provide two independent
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paths for the gases. The "load" position allowed the sample loop to be filled. This path
leads from the vacuum box to the vent/vacuum pump. The inject position connects the
sample loop with the helium carrier gas supply, and allows sending at vacuum box the
sample to the GC.
The chromatographic valves (4PV and 6PV) and vacuum chamber are located inside of the
heated box. A thermocouple placed inside the heated box is used to measure and control
the temperature of the vacuum system. The vacuum box temperature was always set at 300
°C to avoid condensation of products. The temperature of the line connecting the 6PV and
GC was also kept at 300 °C, using a heating tape.

Riser Simulator

4-Port Valve
300

Riser Simulator
6-Port Valve
(2 ml loop) k
280-c 1 L

CatrlerGas
Vaccum Box
280'C

Figure 3.2. Schematic description of CREC Riser simulator, associated valves and
accessories
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Pressure transducers are installed in both reactor and vacuum box chambers to monitor the
progress of each experiment. An example of a pressure profile in the CREC riser simulator
is reported in the Figure 3.3 to illustrate how pressures of chemical species evolve during
the experiment.
Figure 3.3 reports that the initial total pressure of the reactor is 14.7 psia (1 atm). This
value of total pressure is found prior to the feedstock injection into the reactor. Whereas
the vacuum box pressure is maintained at a sub-atmospheric value of close to 2.9 psia. To
keep this pressure difference, both the reactor and vacuum box are isolated with the fourport valve (4PV) being closed.
Furthermore, at the time the feedstock is injected into the reactor, the reactant rapidly
vaporizes, causing an abrupt increase in the total pressure (A-B).

Figure 3.3. Example of a typical pressure profile in the CREC Riser Simulator. Run
30/balance 2: 540 °C, 10 s, 70 wt% FCC catalyst + 30% HIPZ-D additive, and Run
27: Thermal cracking 540 °C and 10 s
Following reactant injection and fast vaporization, the reactant undergoes transformation
into different products, causing an increase in the total moles. As a result, a progressing
increase in total pressure is observed as shown in the B-C trajectory of Figure 3.3.
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Once the preset reaction time is completed, the four-port valve is automatically switched
connecting the reactor and the vacuum box. As a result, of the large initial pressure
differences between these two chambers causes reaction products to evacuate from the
reactor towards the vacuum box. This evacuation, which occurs almost instantaneously
given the total pressure and volume difference between the reactor and vacuum box, leads
to a sudden drop in the reactor pressure. This rapid pressure stabilization difference in both
chambers is described with the C-D trajectory.
One should notice that any further chemical species reaction in the vacuum box is
prevented given the low temperature of the vacuum box (280 °C) and absence of catalyst.
A six-port valve with a sampling loop is connected to the vacuum box. This allows for the
collection of the reaction product sample from the vacuum box. The collected sample of
reaction products can be sent to a gas chromatography unit for on-line analysis and
products quantification.

3.5 Experimental procedure
Thermal and catalytic runs were performed in the above described reactor. Different
mixtures of HIPZ-D additive and FCC catalyst (0, 10, 20, 30 and 100 wt% of additive in
the whole mix) were used. Thiophene, benzothiophene and trimethylbenzene were the
selected model compounds. Close to atmospheric pressure, 520, 530, and 540 °C
temperatures, and 5, 7, and 10 s contact time were selected for the experiments. The
catalyst to oil ratio (C/O) was set around 6 and the impeller velocity at 5700 rpm to get a
good fluidization. To ensure the validity and reproducibility of the data, all measurements
were repeated at least 3 times for each experiment.
In order to separate the mixture of FCC catalyst and HIPZ-D additive particles after the
reaction, the FCC catalyst and the additive were sieved in different particle fraction range.
The particle fraction corresponding to the additive was set in 45 and 53 pm range, while
the fraction of the FCC catalyst particle was set for particle larger than 53 pm.
One gram of the mixture of additive and FCC catalyst was loaded in the catalyst basket.
The reaction system was sealed, leak tested and heated to the reaction temperature in argon
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atmosphere. Then, the feed was injected, and once the preselected reaction time was
reached, the reaction products were evacuated from the reactor and sent to the analytical
system via the heated transfer line.
A number of systematic steps were involved in each run in the CREC Riser Simulator.
These various steps were followed with pressure changes as recorded by the pressure
transducer. For example, in the case of Run 30/Balance 2 (Table B.2, Appendix B ) the
following steps were adopted:
a) The reactor was charged with a blend of additive particle and FCC catalyst previously
sieved. 0.300± 0.001 g of HIPZ-D additive and 0.700 ± 0.001 g of FCC catalyst.
b) The CREC Riser Simulator at 540 °C, was purged with an inert gas (argon) and the
reactor pressure (Pri) was set at 14.6 psi.
c) The vacuum box at 265°C was evacuated until the vacuum box pressure (Pvbi) reached
a desired vacuum pressure value.
d) Following this, a 0.167 g liquid reactant amount was injected. This time (t=0 for the
experiment) is reported as point A in Figure 3.3. Then, the reactant sample was vaporized
and reacted with the catalyst section, point A-B of recorded total pressure reported in
Figure 3.3.
e) Once the desired reaction time elapsed (t= 10 s) or point C in Figure 3.3, most of
reactor contents were transferred towards the vacuum box with both the pressure of the
reactor and vacuum box reaching an equilibrium level (e.g. 4.4 psi).
f) Once the previous steps were completed, the recorded information (reported in Figure
3.3) with a Pvbf-Pvbi= 1.06 psi was used to calculate the mass balance as in equation B.l
of Appendix B. It is important to highlight that for this example, the mass balance closure
was 1.3%, which represent an excellent result.
After the run, the reactor was cooled down. The FCC catalyst and the HIPZ-D additive
blend was discharged from the reactor and sieved in other to separate particle fractions.
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Thus, coke and sulfur were measured separately for both the FCC catalyst and for the
HIPZ-D additive.
Regeneration conditions were set at 650 °C and 20 min of air flow as reported by Jaimes et
al., (2009). Under these conditions coke is expected to be fully removed from both FCC
catalyst and HEPZ-D additive.

3.6 Products analysis
Identification and quantification of chemical species were done in 6890N gas
chromatograph (GC) connected to an Agilent 5973N mass selective detector (MSD). The
MSD was used to identify the reaction products. The GC was also connected to a flame
photometric detector (FPD) and flame ionization detector (FID), which allowed the
quantification of the products. More specifically the FPD was used for detection of sulfur
compounds. Prior to the experimental runs calibration curves correlating calculated areas
and concentrations of sulfur in hydrocarbon mixtures were developed (refer to Appendix
C). In addition, the FID was employed to quantify the hydrocarbon species in a sulfur free
basis.
The MSD was operated in the scan mode using the parameters detailed in the Table 3.1.
The reaction products were identified comparing the retention times of the peaks found
with the MSD ion detector and the retention times of the peaks in the FID/FPD
chromatograms.
The GC used is equipped with two HP-1 dimethylpolysiloxane capillary columns with a
length of 50 m, a nominal diameter of 0.50 mm, and a nominal film thickness of 0.5 pm. It
permits the separation of the various chemical species present in the samples. Both
columns are connected to the back inlet of the GC. While one of the column ends is linked
to an MSD directly, the other one is equipped with a splitter and coupled to both FID and
FPD detectors. In this way, each single injection produces three signals, one per detector,
with this detector configuration allowing identification and quantification of various
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hydrocarbon species as well as sulfur containing species in the hydrocarbon mixture. Table
3.2 provides a detailed description of the method used for each detector.
Table 3.1. Mass selectivity Detector parameters
Parameters/Setting
Transfer Temperature
Tune File
EM Voltage
Solvent delay
Acquisition mode
Threshold
Sample rate 2nd
Mass range
Scan/sec

Value
280°C
ATUNE2.U
0
0 min
SCAN
150counts
2
5-500
2.97

The GC oven program was run using the following thermal ramp: a) initially the oven
temperature was set at 40 °C for 10 min, b) following this, the temperature was increased
at 8 °C/min to 70 °C, and c) finally and once 70 °C was reached, the temperature was
raised at 15 °C/min to 310 °C.
The GC/MSD analytical system was operated using the MSD Productivity ChemStation,
which is an integrated GC/MS software application for all the tasks associated with
GC/MS data acquisition, data processing, and reporting.

3.7 Identification of the compounds retained on the HIPZ-D
additive and on the FCC catalyst
Coke deposited on the FCC catalyst and on the HIPZ-D additive were measured using the
Shimadzu Total Organic Carbon Analyzer (TOC-V) with a solid sample module (SSM5000A). Coke was measured in both solids following its particle size separation using
sieves of 45 pm and 53 pm. On the other hand, the sulfur in the used FCC catalyst and
additive were determined with a CNS LECO 985 Elemental analyzer.

Table 3.2. Gas Chromatography method
Parameter/Setting
Inlet
Mode
Gas
Temperature
Pressure
Split ratio
Total Flow

Split
He
310 °C
31.8 psi
25:1
57.1 ml/min

Column 1
Detector
Outlet
Mode
Inlet
Flow

Agilent 19091Z-205 350 °C
MSD
Vacuum
Constant Flow
Back
1.1 ml/min

Column 2
Detector
Outlet
Mode
Inlet
Flow

Agilent 19091Z-205 350 °C
FED/FPD
Ambient
Constant Flow
Back
1.0 ml/min

Detector
Temperature
H2 Flow
Air Flow
Makeup gas type
Makeup flow
Lit offset
Type

Value

FID
310 °C
40 ml/min
450 ml/min
n2
45 ml/min
2.0
Front detector

FPD
250 °C
50 ml/min
60 ml/min
n2
60 ml/min
2.0
Back detector
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Chapter 4
Characterization of the solids
4

Physico-chemical characterization of the HIPZ-D
additive and the FCC catalyst

Physicochemical characterization of the FCC commercial catalyst and the HIPZ-D
additive were performed as follows: a) particle size distribution (PSD), b) average bulk
density (ABD), c) X-ray diffraction (XRD), d) porosity distribution, and e) surface area
(BET and T-plot). The chemical characterization for Ce, La and Zn content were done
using inductively coupled plasma mass spectrometry (ICP-MS). As the Al, Si, Fe, P and Ti
content was done using X-Ray Fluoresce (XRF).
The FCC commercial catalyst and the additive HIPZ-D solids were separated in different
size fractions after the reaction. This allowed measuring the contribution of coke and
sulfur for both the FCC catalyst and the HIPZ-D additive. The FCC catalyst was sieved to
obtain a fraction larger than 53 pm, while the HIPZ-D additive was sieved to have a
particle fraction in the 45-53 pm range.
This chapter reports a description of the catalyst characterization as relevant to the present
study.

4.1 Particle size distribution
The PSD of the FCC commercial catalyst was measured using a Saturn DigiSizer II from
Micromeritics in PDVSA Intevep before sieving (Table 4.1). After the separation of the
particle fractions in the set range for both, FCC catalyst and HIPZ-D additive, PSDs were
measured using a Mastersizer 2000 from Marvel instruments. These measures were done
to check if both FCC catalyst and HIPZ-D additive fractions were able to be separated
after being mixed.
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Table 4.1 reports a summary of the various physico-chemical properties of the two solids
before sieving, and Table 4.2 presents physical properties measured after the separation of
the two set different fractions for both solids.
The average particle size (APS) for the FCC catalyst was assessed at 86 pm as received
from Intevep-Venezuela (Table 4.1). This average particle size is in the range of the APS
for a FCC commercial catalyst. However, the FCC catalyst actually used in the
experiments was screened to have all particles larger than 53 pm. As a result the FCC
catalyst displayed a 96 pm particle average size, Table 4.2. In this manner, and prior to
solid mixing and the reaction experiments, two distinct solids were obtained: one for the
HIPZ-D additive (all particle sizes smaller than 53 microns) and one for FCC catalyst (all
particle sizes larger than 53 microns).
Table 4.2 shows that an acceptable size separation for both the FCC catalyst and the HIPZD additive was achieved. The FCC catalyst fraction contained more than 91 vol% of
particle larger than 53 pm. The additive on the other hand contained, only 14 vol% of
particles with size larger than 53 pm. Hence, there was a small overlap and particles in the
larger and smaller size fractions could be considered belonging essentially to the FCC
catalyst of to the HEPZ-D respectively.
Moreover, it is was also observed that the blend of HIPZ-D additive and FCC catalyst
displayed good fluidization properties with the APS for the 10 wt% / 90 wt%, 20 wt% / 80
wt% and 30 wt% / 70 wt% staying between 77-89 pm.

4.2 X-Ray diffraction (XRD)
XRD was used to confirm the HIPZ-D zeolite structure in the additive as well as the Yzeolite in the FCC catalyst. XRD analysis were performed using Cu as anode material and
a X-ray diffractometer over a 20 range from 5° to 60° for the additive and 0° to 32° for the
FCC catalyst.
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Table 4.1. Physico-chemical characterization for the FCC catalyst and the HIPZ-D
additive
FCC commercial catalyst

HIPZ-D Additive

Physical properties
Particle size distribution, vol%
0 -2 0 pm
20 - 40 pm
40 - 53 pm
53 - 80 pm
80 - 100 pm
Average particle size, pm
Cell Unit, Ä
Total A rea, m2/g
Zeolite A rea, m /g
Matrix A rea, m2/g
Zeolite/Matrix ratio

3
11
23
19
20
73
24.59
380
291
89
3.3

-

-

-

-

132.1
86.5
45.7
1.9

After hydrothermal deactivatem 7 hrs 1500 °F
Total Area, m2/g
Zeolite A rea, m2/g
Matrix Area, m2/g
Zeolite/Matrix ratio

135.8
83.8
52
1.6

_

38
56
0.24
0.87
2.36
728

26.7
62.1
0.27
0.73
1.19
3327
0.03
0.06
0.09

-

-

Chemical Properties
AI2O3, wt%
Si02, wt%
Na20 , wt%
Fe20 3, wt%
T i02, wt%
P, ppmwt
Zn, ppmwt
Ce20 3, wt%
La20 3, wt%
Re20 3, wt%

-

0.03
3.2
3.23
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Table 4.2. Physical properties for the FCC catalyst and the HIPZ-D additive after the
fraction separation (done at UWO)
FCC commercial
catalyst (>53 pm)

HIPZ-D Additive
(45-53 pm)

0
1
8
35
28
96
162
110
52

32
38
16
13
1
33
134
86
48

Particle size distribution, vol%
0 - 20 pm
20 - 40 pm
40 - 53 pm
53 - 80 pm
80- 100 pm
Average particle size, pm
Total Area, m2/g
Zeolite Area, m2/g
Matrix A rea, m2/g

Figure 4.1, Figure 4.2 and Figure 4.3 report the XRD patterns for the HEPZ-D additive, the
HIPZ-D zeolite and the kaolin, respectively. Figure 4.2 reports the characteristic peaks of
the zeolite HIPZ-D zeolite. Similar peaks at close 20 values are reported in Figure 4.1 for
the HIPZ-D additive pellet. This confirms that the additive contained one single crystalline
phase given by the HIPZ-D zeolite crystals.
The XRD of the additive as reported in Figure 4.1, shows amorphous material and some
characteristic peaks. These characteristic peaks were assigned to the kaolin phase used as
filler of the HIPZ-D additive pellet (see Figure 4.3). One can notice that in some cases
kaolin peaks overlap or partially overlap the HIPZ-D zeolite peaks. XRD pattern were
compared with those reported by Quesada et al., (2006) showing excellent agreement.
On the other hand, the fresh FCC catalyst displayed the 4 characteristic peaks of the Yzeolite as reported in Figure 4.4. Peaks corresponded to 20 values of 23.77°, 27.10°, 28.44°
and 31.48°. In addition, the unit cell was calculated with ASTM D-3942 method for the
FCC catalyst. The value obtained was 24.59

A,

which matched closely the unit cell size

for a typical FCC fresh commercial catalyst with 25% of USY.
One should point out that in the manufacturing of FCC catalysts, most fresh catalysts start
with a relatively high unit cell size in the range of 24.50 to 24.75

A.

Following the
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hydrothermal treatment with steam in the FCC regenerator unit, alumina is extracted from
the zeolite structure yielding the so-called “equilibrium catalyst”. Thus acid site density
and unit cell size is reduced in the equilibrium catalyst. The final FCC equilibrium catalyst
cell size is a function of a number of parameters mainly rare earth and sodium content. In
this respect a reduction of the cell unit after steaming of 0.3 A is expected.
The unit cell provides a measure of the total number of tetrahedral aluminum sites per cell
unit. This total number of tetrahedral aluminum sites is usually considered to be equal to
the total number of potential acid size per unit cell. Then, one can postulate that while the
unit cell size decreases the number of acid sites also is reduced. Hence, the probability to
have isolated sites, or strength acid sites increases considerably. However, in the case of
the present study the relatively high value of the unit cell suggests that the acid sites are
abundant; with hydrogen transfer expected to dominate (Pine et al., 1984).

Figure 4.1. X-ray diffraction of HIPZ-D additive

In te n s ity (c o u n ts )
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Figure 4.2. X-ray diffraction of HIPZ-D zeolite

Figure 4.3. X-ray diffraction of kaolin
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Figure 4.4. X-ray diffraction of the FCC catalyst

4.3 Catalyst surface area
Nitrogen adsorption measurements were carried out at 77 K using two equipments: a) a
TriStar 3000 V3.01 automatic adsorption analyzer equipped with micropore options, and
b) an ASAP 2010 analyzer. These two Micromeritics units belong to the laboratories of
PDVSA Intevep and CREC-UWO, respectively.
In both, the HIPZ-D additive and the FCC catalyst, the specific surface areas (Table 4.1
and Table 4.2) are the result of zeolite specific surface area contribution. The kaolin filler
and the matrix do not contribute significantly to the total specific surface area.
The total surface area (BET) for the FCC fresh catalyst, before hydrothermal treatment,
was 380 m /g including the zeolite (micropore) contribution. After t-plot calculations the
zeolite represented up to 291 m2/g, obtaining zeolite/matrix ratio of 3.3. However, after
hydrothermal treatment (100% steam for 7 h over 1500 °F) a significant loss of specific
area was observed. The total area for the FCC deactivated catalyst was reduced to 135.8
m2/g while for the micropore area was reduced to 83.8 m2/g. These findings are in
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agreement with the range of specific surface area reported for equilibrium catalysts in FCC
(Table 4.1).
One should notice that the specific surface area measurements were also performed after
the FCC catalyst was sieved (fraction with sizes larger than 53 pm) in the ASAP 2010,
Table 4.2. These samples yielded higher total surface area and micropore area, with 62%
of the area was assigned to micropores. This result was considered reasonable given the
likely and expected non-homogeneous FCC catalyst properties.
On the other hand, the total surface area (BET) for the HIPZ-D additive was 132.1 m2/g
with a 86.5 m2/g micropore area, a 1.8 zeolite/matrix ratio, and a 66 % area of micropores.
Total and micropore specific surface area were checked for the HIPZ-D additive before
and after sieving. Close values confirmed adequate separation and homogeneous
properties.

4.4 Porosity distribution
The pore size distributions for both HIPZ-D additive and FCC catalyst were developed
using nitrogen adsorption at 77 K in the ASAP 2010 analyzer from Micromeritics. The
pore size distribution was calculated employing a Density Functional Theory (DFT) model
proposed by Oliver et al., (1992). This DFT model is available in the DFT Plus Model
software Library for the ASAP 2010 unit. The DFT is based on a molecular statistical
method applied over a wide range of isotherms, with no apparent restriction to relative
pressure or pore size ranges. Pore size distributions are calculated by fitting the theoretical
set of absorption isothermals, evaluated for different pore sizes, to the experimental
pressure isotherms.
In this study, the model of N2 at 77 K on carbon using slit pores was considered. This
model fits much better than the model of N2 at 77 K on oxide surfaces using cylindrical
pores. The observed standard deviation for the slit pores was 0.47 cm3/g versus 1.87 cm3/g
for cylindrical pores.
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Figure 4.5 and Figure 4.6 present a) the pore size distribution versus incremental surface
area (SA) and b) the incremental pore volume (PV) for both, the HIPZ-D additive and the
FCC. It is observed that for the HIPZ-D additive the micropores have pore dimensions of 4

A and

10-16 A, contributing to 82.8 % and 7.5 %, of surface area respectively (Figure 4.5-

a). Pore sizes are also in agreement with the effective pore opening of a zeolite with the
offfetite structure, where 8 rings open pores dominate the OFF structure (OFF, 12 rings:
6.7x6.8 A and 8 rings: 3.6x4.9 A). (Baerlocher et al., 2007)
In summary, the highest area in the HIPZ-D additive is contributed by the smaller pores.

\

Figure 4.5. a) Incremental pore volume versus pore width and b) Incremental pore
volume versus pore width for the HIPZ-D additive. Analysis adsorptive with N2, at 77
K. Porosity distributions by Original Density Functional
Figure 4.6-a reports the PSD for the FCC catalyst. One can observe pore sizes of 4 A, 8-9

A and

10-18

A, with a contribution of 15.1% pores larger than 8-9 A. These results show

that the steamed FCC catalyst include significant mesoporosity. These observations are in
agreement with the effective pore size distribution reported for a faujasite structure by
Occelli et al., (2003).
The pore-size distribution is a very important physco-chemical property since it influences
transport of adsorbed molecules. Then, it can be concluded that for the HIPZ-D additive,
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molecules with critical molecular diameters larger than 5 À, molecule transport inside the
zeolite are likely to be diffusion controlled.
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Figure 4.6. a) Incremental pore volume versus pore width and b) Incremental pore
volume versus pore width for the FCC catalyst. Analysis adsorptive with N2, at 77 K.
Porosity distributions by Original Density Functional

4.5 Chemical properties
Chemical analysis of the HIPZ-D additive was developed with detection of Ce, La and Zn
using inductively coupled plasma mass spectrometry (ICP-MS). Al, Si, Fe, P and Ti
content was analyzed by X-Ray Fluoresce Spectometry (XRF) using the ASTM 7085-04
method.
The ICP-MS analysis is based on a combined inductively coupled plasma which produces
ions (ionization) and a mass spectrometer separating and detecting the formed ions.
Therefore, ICP-MS is capable of determining the content of metals and several non-metals
at very low concentrations.
The chemical composition of the HIPZ-D is in agreement with PDVSA Intevep
formulation (Quesada et al., 2006). Elements detected in HIPZ-D additive were Zn, Si, Al
and Fe with traces of Ti, Ca, K, P, S, Zr, Sr, Ga and Cr. Si and Al were two elements that
can be traced to the OFF zeolite, kaolin and the Ludox. Zn on the other hand, was an
addition to the zeolite structure to promote Lewis acid sites. Fe was also included in the
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HIPZ-D additive to confer sulfur reduction properties. In this respect, Chester et al.,
(2008) found that Fe improve sulfur reduction.
Table 4.1 reports 3327 ppm of Zn and 7300 ppm of Fe in the HIPZ-D. These values are in
line with Zn and Fe content in additives for sulfur reduction (Chester et al., 2008). Traces
of other elements as observed in the XRF were assigned to the natural source of Si and Al
used to prepare both the IPZ-D zeolite and the matrix.
The FCC catalyst displayed (Table 4.1) a typical composition for a commercial FCC
catalyst. The La content is considered beneficial for controlling hydrogen transfer, the
medium sodium level for adequate acidity and P for enhanced olefin production. Fe
content, as it was mentioned above, was included to confer sulfur reduction properties
(Chester et al., 2008).

4.6 NH3 Temperature Programmed Desorption (TPD)
TPD studies were carried out using an AutoChem II analyzer from Micromeritics. Prior to
TPD; a sample of HIPZ-D additive and FCC catalyst, 0.2050 g and 0.3440 g, were
pretreated under helium flow at 500 °C for 2 hours. Ammonia was adsorbed for 1 hour at
100 °C using an NH3/He gas mixture (4.52% ammonia, 95.58% helium) at a flow rate of
50.27 STP ml/min. After ammonia dosing, the sample was purged under He flow for 1
hour at 100 °C. During the TPD experiments, the temperature of the sample was increased
linearly at 15 °C/ min until reaching 550 °C.
Temperature-programmed desorption (TPD) of ammonia is often used to characterize
catalyst acidity. This method assumes that ammonia adsorbs quantitatively on surface acid
sites, and that desorption from acid sites can be distinguished from desorption of the
physisorbed ammonia. On the basis, the concentration of surface acid sites can be
calculated from the amount of ammonia desorbed from these sites.
Figure 4.7 reports the TPD spectrum for the FCC catalyst. One can observe a desorption
peak centered at 179 °C. The total acidity for the FCC catalyst was determined by
integrating the TPD spectrum, displaying an acidity of 0.0993 mmol NH3/g STP.
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The TPD spectrum for the HIPZ-D additive is described in Figure 4.8. Two broad
overlapping peaks were observed. This suggests that both weak and strong acidic sites
coexist in this material. The first peak at 174 °C is assigned to NH3 desorbing from weak
acid or non-acidic sites encountered in silicalite. The high-temperature peak at 330 °C is
assigned to strong acid sites. Furthermore, total acidity was determined by integrating the
TPD spectrum. HIPZ-D presents an acidity of 0.1663 and 0.1212 mmol NH3/g STP for the
assigned weak and strength acid sites, respectively, and a total acidity 0.2903 mmol NH3/g
STP determined by the total integration. Even if ammonia TPD does not clearly
discriminate between Lewis and Bronsted sites it provides a first evaluation of acidity
strength distribution.

Figure 4.7. TPD spectrum of the FCC catalyst
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Figure 4.8. TPD spectrum of the HIPZ-D additive

4.7 Conclusions
The FCC catalyst and HIPZ-D additive were characterized using various physico-chemical
methods as follows:
a) PSD both for the HIPZ-D additive and the FCC catalyst. Differences of PSD allowed
good solid separation after the reaction experiments.
b) Fluidization properties. HIPZ-D and FCC catalyst mixed well displaying good
fluidization under test conditions in the CREC Riser Simulator.
c) XRD analysis. XRD showed the HIPZ-D (OFF) structure and Zn in the HIPZ-D
additive and Y-zeolite in the FCC catalyst.
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d) BET analysis. BET showed a moderate reduction of total and micropore (t-plot) surface
area of the steamed FCC catalyst. The steamed FCC catalyst displayed total and micropore
surface area typical of equilibrium catalysts in a FCC unit.
e) XRF analysis. XRF gave the chemical analysis of the HIPZ-D additive with Zn and Fe
being present in the additive. Zn and Fe are two metal promoting formations of acid sites.
f) Pore size distribution o f the HIPZ-D additive. Pore size distribution gave 82% as pores
with 4A dimensions corresponding to offretite eight rings with 3.6x4.9 A dimensions.
g) Pore size distribution o f the FCC catalyst. Pore size distribution reported only 15% of
the area for pores smaller than 18 A and the rest is in the range of mesoporosity.
h) TPD analysis. TPD spectrum for HEPZ-D additive showed two desorption peaks
centered at 174 °C and 330 °C. These two peaks were associated to weak acidic sites and
strong acidic sites. TPD analysis for the FCC catalyst showed only one kind of acidic sites
with a single peak at 179 °C.- Higher acidity for HIPZ-D additive was quantified than for
the FCC catalyst.

\
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Chapter 5
Experimental results and discussion. Part I
5

Thiophene conversion over HIPZ-D additive. Product
selectivity
5.1 Introduction
This chapter reports experimental results obtained during catalytic runs using thiophene
and 1,3,5-trimethylbenzene. A discussion is provided regarding the effect of HIPZ-D
additive concentration on thiophene conversion. As well, the influence of operating
variables such as temperature and reaction time on product distribution are reported.
Thermal runs and catalytic runs using the HIPZ-D additive and a FCC commercial catalyst
were performed in a CREC fluidized riser simulator. A mixture of thiophene and 1,3,5trimethylbenzene was reacted in an argon environment (2 atm.). Different mixtures of
HIPZ-D additive and of FCC catalyst, called FCC catalyst, were used as follows: 0, 10, 20,
30 and 100 wt% of HIPZ-D with the remainder being the FCC catalyst. As well, 5, 7, 10 s
of residence times, 520, 530 and 540 °C and reaction temperatures at 5700 rpm of impeller
speed were considered in the experiments. All thermal and catalytic runs were repeated at
least 3 times to secure result reproducibility. An important observation from these runs
was that the mass balance closure, which included all chemical species fed to and removed
from the reactor, including the carbon deposited over the catalyst, were in the ±7% range,
>

with most balances closing at ±2% range. More details of this calculation are provided in
Appendix B Mass Balances.
The gaseous reaction products were analyzed using an Agilent GC/MS unit equipped with
a flame photometric detector (FPD) and flame ionization detector (FID). The total pressure
measurements both from the reactor and vacuum box was saved on a computer disk using
a Personal Daq acquisition card, as described in the sections 3.4 and 3.6. The coke
deposited on the catalyst and on the additive were measured using a total organic carbon
analyzer (TOC-V) and a solid sample module (SSM-5000A) from Shimadzu. The amount
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of sulfur contained for selected samples in the coke deposited on the solids was
determined using an elemental analysis as determined by a CNS LECO equipment Model
985. The coke and sulfur measurements were done separately on both the HEPZ-D additive
and the FCC catalyst. Additive and FCC catalyst were separated by sieving solids after
each experimental run. An example for the product distribution calculation is reported in
the Appendix D.

5.2 Thermal Runs
Thermal cracking runs of thiophene and 1,3,5-trimethylbenzene mixture, were performed
using three reaction times (5, 7 and 10 s) and three temperatures (520, 530, and 540 °C) on
a CREC Riser Simulator without catalyst loaded. No thiophene conversion was observed
at the studied temperatures and reaction times. Moreover, under the most severe reaction
conditions of 540 °C and 10 s, 1,3,5-trimethylbenzene exhibited a very small conversion
of 3 wt% with this coming essentially from 1,3,5-trimethylbenzene conversion into their
own isomers, ethyl benzene and traces of ethane l,l-di-3,4-xylyl. One should notice that
ethane 1,1 -di-3,4-xylyl can be formed via disproportionation of two o-xylyl radicals, as
reported for o-xylene thermal cracking or by hydrogen abstraction (Wright F, 1962).

5.3 Catalytic Runs
The catalytic conversion of thiophene was evaluated using different HIPZ-D additive and
a FCC catalyst solid blends and a thiophene/l,3,5-trimethylbenzene hydrocarbon
feedstock. In addition and as reference experiments were conducted using pure 1,3,5trimethylbenzene. A selected set of experimental results are reported in Appendix E.

5.3.1 Thiophene conversion
Figure 5.1 and Figure 5.4 report thiophene conversions as a function of contact time and
temperature, for a thiophene/l,3,5-trimethylbenzene mixture having a 1.22 wt % thiophene
concentration.
As expected for the various FCC catalyst and HIPZ-D additive mixtures, the thiophene
conversion increased progressively with reaction time in the 5-10 s range. A maximum
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conversion value of 28 wt% was reached at 10 s using pure FCC catalyst. Moreover, at
lower reaction times (5 and 7 s) higher thiophene conversions were observed for the 100
wt% FCC catalyst while compared with the 100 wt% HIPZ-D additive.

Figure 5.1. Thiophene conversion versus reaction time at 530 °C. Reaction condition:
C/0= 5.9 ±0.2, Feed= Th/TMB, Cat System =100% FCC catalyst, 10% HIPZ-D
additive + 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30%
HIPZ-D additive + 70% FCC catalyst, 100% HIPZ-D additive. Error bars
correspond to standard deviations of the repeats for each condition
Furthermore, mixtures of additive and FCC catalyst gave consistently lower thiophene
conversions for reaction times smaller than 10 s and this while compared with the
thiophene conversion obtained with experiments using pure HIPZ-D additive and pure
FCC catalyst (Figure 5.1).
Moreover, the 10 wt% of additive and the 90 wt% FCC catalyst mixture displayed a
characteristic trend. There was in this run, negligible thiophene conversion at reaction
times smaller than 7 s, with thiophene conversion slightly surpassing the conversions for
all other solid mixtures at 10 s.
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It is thus, speculated that there is a strong and selective competitive adsorption of
thiophene over the HIPZ-D additive and this when these shorter reaction times are used. In
this respect, the dominant influence of selective thiophene adsorption over HIPZ-D
additive with little thiophene conversion remains essentially unchanged for reaction times
smaller than 7 s.
This low thiophene conversion is confirmed following the chemical species fast
evacuation from the reactor and using the vacuum box of the CREC Riser Simulator set up
(refer to section 3.4). Under these vacuum conditions most of the thiophene is desorbed
from the HIPZ-D zeolite and recovered as unreacted chemical species.
Equation 5.1 and 5.2 in Figure 5.2 describe the two selective adsorption steps process.

Equation 5.1

Equation 5.2
\

HIPZ-D Site

Equation 5.3

Figure 5.2. Process of adsorption and desorption on HIPZ-D under CREC Riser
Simulator conditions. Eq. 5.1) Selective thiophene adsorption and Eq. 5.2) desorption
under vacuum conditions. Eq. 5.3) Formation of the thiophene intermediate
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The observed selective thiophene adsorption process over 10 wt% of HEPZ-D additive and
90 wt% FCC catalyst mixture is described in Figure 5.1. This selective adsorption is
potentially the contribution of three factors: a) the accessibility of thiophene molecules to
HIPZ-D structure with 82% and 18% with of the pores 3.6 x 4.9 Â and 6.7 x 6.8 Â
dimensions respectively, b) the high acidity of the HDPZ-D additive (3 times higher than
the FCC catalyst), and c) the presence of Zn-Fe zeolite cations.
As described in Figure 5.3 and even if the critical molecular size of thiophene is around
5.3 Â, thiophene molecules still can access the HIPZ-D structure without noticeable
diffusional transport constrains (Gronowitz, 1991). This type of free of diffusion control
for thiophene in zeolites with 5.3 Â pores such as HZSM-5 (5.1 x 5.3 Â) was reported by
Jaimes (2009).

diameter 7.9 Â

Faujasita: 12 rings: 7.4x7.4Â

Molecular size 6.0 Â

Figure 5.3. Pore size scheme for the HIPZ-D additive (HIPZ-D Zeolite) and the FCC
catalyst (Y-zeolite)
Moreover, acidity can also have an influence on thiophene selective adsorption over HIPZD zeolite. This is consistent with authors showing that thiophene adsorbs selectively in
different zeolites with high acidity such as HZSM-5 (Jaimes 2009 and Garcia et al., 1992)
and HFAU (Richardeau et al., 2004).
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Finally, cation exchanged zeolites display an enhanced thiophene adsorption (Garcia et al.,
1992; Yu et al., 2002, Vargas-Tah et al., 2005 and Xeu et al., 2005). For instance, VargasTah et al., (2005) demonstrated that the incorporation of Zn increases the acidity of an
aluminum material improving thiophene adsorption. Thereby, it is possible to predict that
HIPZ-D zeolite (OFF) exchanged with Zn-Fe will display higher acidity, and consequently
higher thiophene adsorption capacity.
One can also notice that there is a change in the reaction mechanism using the 10 wt% of
HIPZ-D additive and 90 wt% of the FCC catalyst mixture and this when the reaction time
is extended to 10 s. In this case both thiophene selective adsorption (Eq. 5.1, Figure 5.2)
and catalytic conversion of the adsorbed thiophene molecules contributes. This additional
catalytic step affecting thiophene is described with Equation 5.3 in Figure 5.2 and in
Figure 5.6.
Moreover, changes in the composition of the solid mixture using 20 wt% of HIPZ-D
additive and 80 wt% of FCC catalyst mixture or 30 wt% HIPZ-D additive and 70 wt% of
FCC catalyst mixture display similar trends. There is a dominant selective thiophene
adsorption in the HIPZ-D additive for reaction times shorter than 7 s. There is however, an
increased influence of thiophene conversion in the HIPZ-D additive at 10 s. In this respect
and with the data reported one can conclude that the lower the conversion of thiophene in
the CREC Riser Simulator the larger the selective adsorption effect.
The selective adsorption of thiophene for the HIPZ-D additive provides valuable prospects
for its application in FCC units. This selective adsorption can be used with advantage for
reducing "in situ" sulfur emissions with some changes in the design and operation of the
stripper units. One can envision for instance, that the selective adsorbed sulfur species
during a catalyst+additive contact time of 7 s could be later desorbed in at stripper unit
yielding a relatively sulfur rich stream gas phase stream. In summary, the use of an HIPZD additive together with FCC commercial catalyst in adequate balance may allow
selective adsorption of sulfur containing species such as thiophene in the riser, and
selective desorption of these species in the stripper. Using this strategy the sulfur species
such as thiophene are not be entrapped as coke, stay in the stripper and do not evolve
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towards the FCC regenerator avoiding other environmental issues such as the formation of
SOx species by combustion.
In other words, this work highlights the value of stripper technologies working in
conjunction with sulfur removal additives. Furthermore these results open new research
opportunities for post-treatment of FCC gasoline, considering selective adsorption of
thiophene and isomerization of aromatics, may also increase both RON and MON gasoline
indices.
Given the encouraging results obtained in this research with the selective adsorption of
thiophene in HIPZ-D, the effects of temperature on thiophene conversion were also
studied.
Figure 5.4 reports that in general the temperature influence on thiophene conversion is
mild: In most cases slightly positive and in a few situations slightly negative or unchanged.
For instance one can see in Figure 5.4 that in the case of pure FCC catalyst the thiophene
conversion slightly decrease with temperature. This may be an indication that thiophene
conversion is influenced by diminished hydrogen transfer and coke formation. The
maximum observed thiophene conversion is 30 wt% at 520 °C and 10 s. In this respect,
higher temperatures reduce the exothermic hydrogen transfer. These exothermic reactions
may affect the hydrogen available, which is mainly produced in ethane-l,l-di-3,4-xylyl
formation (refers to section 5.3.3).
Nevertheless and as documented in Figure 5.4, a temperature increase has a mild reverse
influence HIPZ-D addition. A HEPZ-D and FCC catalyst mixtures display as maximum
thiophene conversion of 38 wt% at 540 °C and 10 s. In contrast with this, at higher
temperatures both higher VGO conversions to gasoline and LPG are obtained in FCCs.
Thus, refiners have to compromise to find both a good condition of sulfur reduction using
selective adsorption, with high VGO conversion.
Regarding the use of 100 wt% additive and its mixtures one should notice that, thiophene
recovery is related to competing physico-chemical mechanisms which include adsorption
on acid sites, alkylation of thiophene with C4 or/and Cs's producing long alkyl chain of
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thiophene and oligomerization. Alkylated thiophene molecules can remain entrapped in
the zeolite structure (Richardeau et al., 2004), see Figure 5.3.
In this respect, the selective adsorption of sulfur species can be favored using a cation
exchanged zeolite such as Co (Yu et al., 2002). Moreover, it can be predicted that the
HIPZ-D zeolite considered in this study containing both Zn and Fe leads to increased
acidity and retention of adsorbed species. On the other hand, ring opening and
oligomerization of thiophene in solid acids (HZSM-5) are favored at higher temperatures.
Dimers, trimers or tetramers of thiophene may be formed inside the pore of HIPZ-D
zeolite. These chemical species may remain entrapped in the HIPZ-D zeolite as coke
precursors ending as coke (see Figure 5.1).

Figure 5.4. Thiophene conversion versus temperature. Reaction condition: C/0= 5.9
±0.2, time=10s , Feed= Th/TMB, Cat System =100% FCC catalyst, 10% HIPZ-D
additive + 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30%
HIPZ-D additive + 70% FCC catalyst, 100% HIPZ-D additive. Error bars
correspond to standard deviations of the repeats for each condition
Once the thiophene alkylation forming methyl thiophene was observed (Eq.5.3 in Figure
5.2 and Scheme 1 in Figure 5.6), the quantification of methyl-thiophene concentration was
effected as shown in Figure 5.5. One can notice the important differences between the 100

66

wt% of HEPZ-D additive and the 100 wt% FCC catalyst with higher concentration of
methyl-thiophene observed for the 100 wt% HIPZ-D additive. This finding holds true at
all reaction times.
Moreover, mixtures of HIPZ-D additive and FCC catalyst led to low methyl-thiophene
formation at reaction times lower than 10 seconds (Figure 5.5). This is consistent with the
very limited alkylation taking place when selective thiophene adsorption dominates.
However, when reaction times reach 10 s, the additive + FCC catalyst mixtures display
increased methyl-thiophene concentrations. This provides confirmation of an increased
opportunity of methyl groups to alkylate thiophene.

Figure 5.5. Total methyl-thiophene formed versus temperature. Reaction condition:
C /0= 5.9 ±0.2, Feed= Th/TMB, Cat System =100% FCC catalyst, 10% HIPZ-D
additive + 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30%
HIPZ-D additive + 70% FCC catalyst, 100% HIPZ-D additive. Error bars
correspond to standard deviations of the repeats for each condition
These findings are also consistent with reaction pathways for thiophene conversion (refer
Scheme 1 in Figure 5.6) involving: 1) adsorption of thiophene, 2) ion species formation, 3)
thiophene ion species alkylation with methyl and other C3-C5 available alkyl groups, 4 )
eventual cracking of the side chain alkyl, 5) possible entrapment of alkylated thiophene
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species as coke (Figure 5.3). Some of these reactions were reported by Jaimes et al.,
(2009). Other possible thiophene reactions which are more likely to happen over the FCC
catalyst are the ones promoted via hydrogen transfer (Scheme 2 of Figure 5.6). Thiophene
is adsorbed over acid sites and transformed both in coke species and lights hydrocarbons.
Scheme 1

S in coke

Figure 5.6. Thiophene reaction network. Reactions 1, 2 and 3 are adapted from
Jaimes et al., 2009
Figure 5.7 reports the conversion of thiophene for different combinations of HIPZ-D
additive and FCC catalyst mixtures at 520, 530 and 540 °C. It is believed that for those
mixtures Scheme 1 in Figure 5.6 is the dominant reaction mechanism. In fact, for the 10
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wt% and 20 wt% HIPZ-D additive mixtures, it leads to high concentration of adsorbed
thiophene species on the HIPZ-D and high availability of methyl and other alkyl C3, C4, C5
groups formed by the FCC catalyst. This combination of available species favors
thiophene alkylation and higher side chain methylated thiophene species. Some of the
formed long side chain alkylthiophenes can remain entrapped inside the pore network as
coke. This reaction path is in agreement with studies reported by Can et al., (2007) and
Corma et al., (2001) where it is claimed that sulfur reduction requires a catalyst with both
a high hydride transfer ability and a high catalytic cracking activity. This synergistic
effects are provided by the Bronsted acid (FCC catalyst) and Lewis acid (GSRA) sites
available.

Figure 5.7. Thiophene conversion versus concentration of HIPZ-D additive in the
catalyst inventory. Reaction condition: C/0= 5.9 ± 0.2, time= 10 s, T= 520, 530 and
540 °C. Error bars correspond to standard deviations of the repeats for each
condition
Furthermore, Figure 5.7 shows a modest enhancement of thiophene conversion at higher
temperatures and for the 10 wt% HIPZ-D additive and 90 wt% FCC catalyst mixture. One
can notice that thiophene ring opening (scheme 2, Figure 5.6) or cracking of the long alkyl
chain thiophene species formed by alkylation in the HIPZ-D zeolite are endothermic
reactions. These reactions are favored at higher temperatures (Jaimes L. 2009). One can
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thus conclude that for reaction time shorter than 10 s, let say 5-6 s it is advisable for
getting significant gains from GSRAs to work at higher temperatures.
In conclusion, thiophene selective adsorption over a HIPZ-D zeolite was established. This
process can be related to three combined effects: high acidity, small pore size and Zn and
Fe cations loaded in the HIPZ-D zeolite. Thiophene selective adsorption can be followed
by alkylation of thiophene and/or cracking. Under some conditions there may be also
opening of the thiophene ring with formation of olefins. Evolved sulfur will be captured as
coke.

5.3.2 TMB conversion
1,3,5 trimethylbenzene (TMB) conversions are reported in Figure 5.8 to Figure 5.10.
These experimental results were obtained with 98.77 wt% of TMB with the remainder of
the mixture being thiophene.
Figure 5.8 reports an expected and a progressive increase of TMB conversion with the
reaction time. It is important to highlight that the 100 wt% FCC catalyst shows the best
TMB conversion. This is true when there is no thiophene present in the feedstock. On the
other hand, TMB conversion is reduced as soon as thiophene is also fed, indicating a
strong competition of thiophenic species for the acid sites.
Figure 5.8 also reports TMB conversion for the HIPZ-D additive and their mixtures with
the FCC catalyst. It can be noticed that for all cases considered reducing the FCC catalyst
and increasing the HIPZ-D additive yields lower TMB conversion. These results are in
apparent disagreement with the observed acidity in the two components of the solid
mixture: the HIPZ-D additives exhibiting a higher acidity than the FCC catalyst (refer to
section 4.6). Thus, higher TMB conversion is expected using the HIPZ-D additive.
However, TMB is severely limited in their transport in the narrow inner pores of the
HIPZ-D zeolite (see Figure 5.3). Given TMB molecular size, TMB cannot access the
HIPZ-D zeolite inner pores and available acid sites. Thus, TMB reaction can only take
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place on the external HIPZ-D zeolite acid sites and as a result, TMB conversion is
significantly limited.

Figure 5.8. 1,3,5 TMB conversion versus reaction time at 530 °C. Reaction condition:
C/0= 5.9 ±0.2, and two feeds: 1) Feed=TMB/thiophene, 100% FCC catalyst, 10%
HIPZ-D additive + 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst,
30% HIPZ-D additive + 70% FCC catalyst, 100% HIPZ-D additive. And 2) Feed=
pure TMB under 100% FCC catalyst. Error bars correspond to standard deviations
of the repeats for each condition
Park et al., (2000) reported that the isomerization and disproportionation are controlled by
zeolite pore sizes. Under these conditions, disproportionation takes place selectively inside
the zeolite pores while isomerization occurs on the external acid sites. Hence, it is
expected that a higher TMB conversion will occur in the large size pores of the FCC
catalyst, with a relatively bigger contribution of disproportionation and isomerization.
Moreover, these results are in agreement with coke yields observed for the FCC catalyst
and HIPZ-D additive (refers to section 5.3.4). The FCC catalyst shows higher coke levels
with higher TMB conversions.
Figure 5.9 displays the conversion of TMB as a function of temperature. There is a
consistent and modest TMB conversion improvement with temperature and this being true
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for all additive + catalyst mixtures studied. The only exception is the conversion of TMB
using 100 wt% of FCC catalyst and more specifically the conversion of TMB at 520 °C.
This enhancement of the TMB conversion can be related to both TMB isomerization and
disproportionation of TMB favored at higher temperatures (Wang et al, 1990).

Figure 5.9. 1 ,3 * 5 TMB conversion versus temperature. Reaction condition: C/0= 5.9
±0.2, reaction time = 10 s, 100% FCC catalyst, 10% HIPZ-D additive + 90% FCC
catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30% HIPZ-D additive + 70%
FCC catalyst, 100% HIPZ-D additive. Error bars correspond to standard deviations
of the repeats for each condition
Figure 5.10 displays the conversion of TMB as a function of HIPZ-D additive fraction for
a 10 s reaction time. TMB conversion displays a minimum at conditions where thiophene
conversion showed a maximum. This can be attributed to the adsorption competition of
TMB and thiophene for the same FCC catalyst sites.
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Figure 5.10. 1,3,5 TMB conversion versus concentration of additive in the catalyst
inventory. Reaction condition: C/0= 5.9 ±0.2, time = 10 s, T=520, 530 and 540 °C.
Error bars correspond to standard deviations of the repeats for each condition

5.3.3 Product distribution
As it was described in the Chapter 3, the gas phase product composition was determined
with a combined GC/MSD system. Whereas, the total coke deposited on the catalysts was
measured in a TOC-V analyzer with a solid sample module. The sulfur amount in the
solids was determined for some selected runs using Elemental analyzer by a CNS LECO
equipment model 985. For the other runs, the sulfur in the solid was calculated by
difference assuming 100% sulfur balance.
A typical FID and FPD signals, from catalytic conversion of thiophene/TMB mixture are
reported in Figure 5.11 and Figure 5.12. On the basis of these mass spectra, the peaks in
Figure 5.11 and Figure 5.12 were assigned to the product in Appendix D.
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Figure 5.11. FID signal of hydrocarbon products in gas phase from thiophene/1,3,5TMB conversion at 530 °C, reaction time 10 s, C/0= 5.9 ±0.2,10% HIPZ-D additive
+ 90% FCC Catalyst

Figure 5.12. FPD signal of sulfur compounds in hydrocarbon product stream from
thiophene/l,3,5-TMB conversion at 530 °C, reaction time 10 s, C/0= 5.9 ±0.2,10%
HIPZ-D additive + 90% FCC Catalyst
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Table 5.1 reports hydrocarbon and sulfur/coke products distribution for the catalytic runs
developed using pure TMB and a mixture of thiophene/TMB at 530 °C and 10 s. It can be
observed that using 100% of FCC catalyst the converted TMB produces mainly
alkylbenzenes (toluene, o- and m-xylene, tretramethylbenzene) and isomers of TMB. It
was confirmed as well that light hydrocarbons C3's, C4S and Cs's, and heavy aromatics
(Cio's +), are typical products of TMB catalytic cracking over Y-zeolites (Tsai et al.,
1999). These chemical species may result from transalkylation, disproportionation,
condensation, paring reaction and ring saturation/cracking (Figure 5.13). As well
formation of heavy aromatics was observed when thiophene was contained in the
feedstock.
It is important to highlight that the closed mass balance for all the cases shown in Table
5.1 are lower of 3%, representing accuracy in measure of products.
Finally and concerning the catalytic conversion of thiophene in the presence of TMB,
sulfur was detected in the spent FCC catalyst as sulfur weight percent over the solid.
Regarding the catalytic conversion using 100% of additive (Zn-Fe/Offretite) it is observed
that the main products from TMB are coming from isomerization and disproportionation
I

_____

____

only. These reactions form isomers of TMB and tetra-methylbenzene (Figure 5.13).
As well, thiophene conversion mainly leads to coke, thiophene-2-methyl and thiophene-3 methyl. Figure 5.14 displays the total methyl-thiophene produced showing that increasing
the additive as well as temperature favors formation of these species.
Nevertheless, the mechanism of methyl-thiophene formation may not be the result from
thiophene direct alkylation with methyl groups. Direct methyl alkylation, is an exothermic
reaction with equilibrium not being favored at higher temperatures (Jaimes, 2009).
Changes of methyl-thiophene formation with temperature may be the result of cracking of
a long alkyl thiophene formed by C4S or Cs's alkylation with thiophene (see scheme 1,
Figure 5.6). It is also believed that these long side chain alkyl thiophenes can be trapped
inside the pore of HIPZ-D as coke precursors.
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It was possible to observe as well the change of other important reaction product with the
increased addition of HIPZ-D. The total fraction of permanent gases (chemical species
with carbon number smaller than C5) displays a decreasing trend with the increasing
amount of HIPZ-D additive (Figure 5.15 and Figure 5.16).
Consistent with this, propane and benzene as reported in Figure 5.17 decrease with the
increasing fraction of HIPZ-D additive. Formation of propane and benzene can be
associated with paring reactions of the TMB (Rx.6, Figure 5.13). As well propane
formation may be traced to the cracking of alkyl chain of alkylthiophene. Propene
produced via cracking of alkylthiophenes can be transformed into propane by hydrogen
transfer. The hydride radical groups required could result from condensation of aromatics
evolving towards coke formation (Rx.4, Figure 5.13).
As a result, it is believed that thiophene conversion takes place inside the HIPZ-D additive
pores with the first step being, thiophene alkylation. Alkylation may lead to molecules
with larger critical diameters. These molecules remain entrapped inside the pore as coke
precursors. Gronowitz (1991) found that thiophene increases its critical molecular
diameters as new bonds are formed as follows: 1.424
extra C=C and 1.071

A for an extra C-C,

1.368

A

for an

A for an extra C-H.

Regarding thiophene, one should notice that given its critical size of 5.3

A,

diffusional

limitations should not contribute in the HIPZ-D additive. Methyl-thiophene with a critical
molecular diameter smaller than 6.4

A

can also be transported throughout the HIPZ-D

pores. However, side chain alkylated thiophenes with larger critical diameters such as the
propyl-thiophene or butyl-thiophene molecules may stay trapped in the pore network
forming coke or coke precursors (Figure 5.3).
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Figure 5.13. TMB reaction network. Reactions 1,6 and 7 are adapted from Tsai et al.,
1999
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Table 5.1. Hydrocarbon products distribution from catalytic conversion of pure
TMB and thiophene/TMB at 530 °C, reaction time 10 s, and C/Q= 5.9±0.2_____
Catalytic System
Reactant mixture
Hydrocarbon products, %mole

100% FCC Catalyst
TMB

100% FCC Catalyst
TMB/Thiophene

Propane

0.875

0.808

0.108

Isobutane

0 .532

0.559

0.068

100% Additive
TMB/Thiophene

1-propene-2-M ethyl

0 .736

0.833

0.013

Butane

0 .534

0.561

0.000

2-Butene-2-M ethyl

0.123

0.144

0.000

Pentane

0 .139

0.171

0.000

Benzene

0.181

0.172

0.000

Thiophene

0.000

0.994

1.559

Toluene

3.084

2.004

0.211

Thiophene-2-M ethyl

0 .000

0.000

0.023

Thiophene-3-M ethyl

0 .000

0.000

0.021

1,3-dim ethylbenzene

9 .530

9.674

p-X ylene

3.124

3.214

1-ethyl-2-m ethylbenzene

0.132

0.200

0.189

1,3,5-trim ethylbenzene

64.361

62.733

79.863

1,2,3-trim ethylbenzene

10.255

10.682

3.514

1,2,4-trim ethylbenzene

1.554

1.491

8.700

1-ethyl-2,4 dim ethylbenzene

0.000

0.000

0.911

1,2,4,5-tetramethylbenzene

1.615

1.848

0.495

1,2,3,4-tetram ethylbenzene

2.271

2.598

0.741

1,2,3,5-tetramethylbenzene

0.624

0.756

0.195

2.513
t

0.752

Pentam ethylbenzene

0 .240

0.356

0.015

N aphtalene-x-m ethyl

0 .000

0.009

0.000

Naphtalene-x,y-dim ethyl

0 .000

0.046

0.004

N aphtalene-x,y,z-trim ethyl

0 .000

0.056

0.021

Ethane l,l-d i-3 ,4 -X y ly l

0 .094

0.058

0.084

Coke distribution
C oke in the FCC catalyst, wt%

1.085

0.780

0.000

C oke in the H IPZ-D additive, wt%

-

0.000

0.719

Sulfur in the FCC catalyst, wt%

-

0.017

0.000

Sulfur in the H IPZ-D additive, wt%

-

0.000

0.011

1.085

0.780

0.719

M ass o f T hiophene inject, mg

-

2.115

2.078

M ass o f Thiophene out, mg

-

1.552

1.492

-

26.6

27.5

3.0
40.0

0.433
0
6.1
-0.5
37.2

0.297
0.123
7.9
-0.9
27.4

Total coke, wt%

Sulfur Balance

Thiophene conversion, wt%

Sulfur Distribution
Sulfur in the solids, m g o f th
Sulfur as methylthiophene, m g o f th
C losed sulfur mass balance, wt%
C losed mass balance, wt%
TM B C onversion, wt%
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Figure 5.14. Total methylthiophene yield versus HIPZ-D additive content in the
catalyst inventory. Reaction condition: C/0= 5.9 ±0.2, time = 10 s, T= 520, 530 and
540 °C. Error bars correspond to standard deviations of the repeats for each
condition

Figure 5.15. Propane yield versus HIPZ-D additive content in the catalyst inventory.
Reaction condition: C/0= 5.9 ±0.2, time = 10s, T=520, 530 and 540 °C. Error bars
correspond to standard deviations of the repeats for each condition
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Figure 5.16. Total gas (C5 ') yield versus HIPZ-D additive content in the catalyst
inventory. Reaction condition: C/0= 5.9 ±0.2, time = 10 s, T=520, 530 and 540 °C.
Error bars correspond to standard deviations of the repeats for each condition

Figure 5.17. Benzene yield versus HIPZ-D additive content in the catalyst inventory.
Reaction condition: C/0= 5.9 ±0.2, time = 10s, T=520, 530 and 540 °C. Error bars
correspond to standard deviations of the repeats for each condition
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5.3.4 Sulfur and coke over the spent solids
The coke over the used FCC catalyst and the additives was measured using a Total
Organic Carbon Analyzer (TOC-V) equipped with a solid sample module (SSM-5000A).
Prior to coke measurements HIPZ-D additive and FCC catalyst were separated using sieve
mesh, given their different particle size. Moreover, the sulfur in the coked FCC catalyst
and coked additive were determined with an Elemental analyzer for comparison by a CNS
LECO equipment model 985.
Figure 5.18, Figure 5.19 and Figure 5.20 display the coke measured over the FCC catalyst,
HIPZ-D additive and the total coke, respectively. Figure 5.18 reports that the FCC catalyst
forms more coke than the additive. This is in accordance with the higher TMB conversions
as described in section 5.3.2. In this respect, the FCC catalyst shows a coke production
between 1.1- 1.5 wt%, while the HIPZ-D additive of 0.7-0.9 wt%.
As already described in the section 5.3.2, the HIPZ-D additive acidity is higher than the
acidity for the FCC catalyst. However and given that the transport of TMB in HIPZ-D
zeolite is diffusional constrained, the overall TMB conversion in HIPZ-D is lower.
Consistent with this a lower coke is expected.
Figure 5.20 reports the total coke formed in both the HIPZ-D additive and the FCC
catalyst. Data reported are the result of calculations involving the relative fraction of both
the HIPZ-D and the FCC catalyst. As it was mentioned before the FCC catalyst has the
highest contribution to coke production and the HIPZ-D additive the lowest with
additive+catalyst mixtures presenting a performance in between these two extremes.
Figure 5.21 and Figure 5.22 show the coke formed over the spent FCC catalyst and the
spent HIPZ-D additive as a function of the additive content at 10 s reaction time. Coke on
the spent FCC catalyst remained in all cases in the 1.0-1.4 wt% range.
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Figure 5.18. Coke over the FCC catalyst versus reaction time at 530 °C. Reaction
condition: Feed=Th/TMB, C/0= 5.9 ±0.2,100% FCC catalyst, 10% HIPZ-D additive
+ 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30% HIPZ-D
additive + 70% FCC catalyst, 100% HIPZ-D additive

Figure 5.19. Coke over the HIPZ-D additive versus reaction time at 530 °C. Reaction
condition: Feed=Th/TMB, C/0= 5.9 ±0.2,100% FCC catalyst, 10% HIPZ-D additive
+ 90% FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30% HIPZ-D
additive + 70% FCC catalyst, 100% HIPZ-D additive

82

Figure 5.20. Total coke versus reaction time at 530 °C. Reaction condition:
Feed=Th/TMB, C/0= 5.9 ±0.2, 100% FCC catalyst, 10% HIPZ-D additive + 90%
FCC catalyst, 20% HIPZ-D additive + 80% FCC catalyst, 30% HIPZ-D additive +
70% FCC catalyst, 100% HIPZ-D additive
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Figure 5.21. Coke measured over the FCC spent catalyst versus additive content in
the catalyst inventory. Reaction condition: Feed=Th/TMB, C/0= 5.9 ±0.2, reaction
time = 10 s, T=520, 530 and 540 °C
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Figure 5.22. Coke measured over the HIPZ-D spent additive versus additive content
in the catalyst inventory. Reaction condition: Feed=Th/TMB, C/0= 5.9 ±0.2, reaction
time = 10 s, T=520, 530 and 540 °C

The total coke over the complete catalyst inventory is displayed in Figure 5.23. This shows
that the FCC catalyst produces somewhat more coke than the additive, and the mixtures
yield more coke than each one of the components considered separately. This behaviour is
consistent with the increased role of hydrogen transfer reactions yielding more coke in the
spent FCC catalyst.
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Figure 5.23. Total coke versus HIPZ-D additive content in the catalyst inventory.
Reaction condition: Feed=Th/TMB, C/0= 5.9 ± 0.2, reaction time = 10 s, T=520, 530
and 540 °C
In reference to the sulfur content on the spent HIPZ-D additive and on the spent FCC
catalyst, Figure 5.24, Figure 5.25 and Figure 5.26 report the experimental results obtained
using the elemental analyzer CNS LECO. It can be observed that there is a lower sulfur
content in the coke when the HIPZ-D additive fraction is augmented (Figure 5.25 and
Figure 5.26). One can notice as well significant data dispersion. This data dispersion can
be assigned to the detection level of the LECO which is around 0.01 wt% and close to the
sulfur content being measured.
Coke measurement helps clarifying the tangible GSRA benefits. The HIPZ-D additive
reduces sulfur capture as coke and favors sulfur adsorbed as thiophene and/or methylthiophene.
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Figure 5.24. Change of total sulfur with HIPZ-D additive content in the catalyst
inventory. Reaction condition: Feed=Th/TMB, C/0= 5.9 ±0.2, reaction time = 10 s,
T=520, 530 and 540 °C
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Figure 5.25. Change of sulfur measured over the FCC spent catalyst as a function of
HIPZ-D additive content in the catalyst inventory. Reaction condition:
Feed=Th/TMB, 0 0 = 5.9 ±0.2, reaction time = 10 s, T=520,530 and 540 °C
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Figure 5.26. Change of sulfur measured over the HIPZ-D spent additive as a function
of additive content in the catalyst inventory. Reaction condition: Feed=Th/TMB,
C /0= 5.9 ±0.2, reaction time = 10 s, T=520,530 and 540 °C

5.4 Conclusions
TMB and thiophene can react in a FCC catalyst and HIPZ-D additive mixture. The
following conclusion can be drawn:
a) Thermal cracking of thiophene and 1,3,5-TMB is negligible under the conditions of
this study (520, 530 and 540 °C at 10s). Thus, the 1,3,5-TMB and thiophene
conversions during the catalytic runs truly represent the HIPZ-D additive and the
FCC catalyst catalytic effects.
b) A selective thiophene adsorption in an HIPZ-D zeolite is found for low reaction
times (<7s). This selective adsorption of HIPZ-D is related with three combined
effects: high acidity, small pore size and cations (Zn-Fe) in the structure of the
zeolite.
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c) There is a dominant pathway for thiophene conversion over HIPZ-D additive. This
involves: adsorption, alkylation of thiophene, and catalytic cracking. Alkylation by
olefins yields propyl-thiophene and butyl-thiophene. These alkyl thiophenes can be
trapped inside the pore of the HIPZ-D zeolite as coke precursor or crack its side
chain forming methyl-thiophene.
d) The selective thiophene adsorption on the HIPZ-D additive is helped by a
synergetic effect while using HIPZ-D additive and FCC catalyst blends.
e) TMB conversion is hindered by TMB diffusion in the HIPZ-D zeolite. Thus,
higher TMB conversions are observed in the FCC catalyst (Y-zeolite) than in the
HIPZ-D additive (OFF zeolite).
f) Higher temperature favors thiophene and TMB conversions when both HIPZ-D
additive and the FCC catalyst are in the catalyst inventory. However, higher
temperatures are not a desire condition for high capture of sulfur species with high
degree of separation in the FCC stripper. Thus, the refinery is called to a
compromise between high VGO conversions and high sulfur capture via selective
adsorption.

s
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Chapter 6
Experimental results and discussion. Part II
6

Benzothiophene conversion over HIPZ-D additive.
Product selectivity

6.1 Introduction
This chapter reports experimental results obtained during catalytic runs using
benzothiophene and 1,3,5-trimethylbenzene as a feedstock. A discussion is provided
regarding the influence on benzothiophene conversion and product distribution of both the
HIPZ-D additive fraction concentration in the total catalyst inventory and the reaction
time.
Thermal and catalytic runs using the HIPZ-D additive and a FCC commercial catalyst
were performed in a CREC fluidized Riser Simulator. Benzothiophene and 1,3,5trimethylbenzene were reacted in an argon environment (2 atm.) as follows: a) using
different particle blends of HIPZ-D and FCC catalyst with 0, 10, 20, 30 and 100 wt%
HIPZ-D additive fractions, b) reaction time of 10 seconds, c) temperatures of 530 °C and
d) 5700 rpm of impeller velocity. As well and for the 0, 20 and 100 wt% of HIPZ-D
additive mixtures reaction times were set at 5 and 7 seconds.
All thermal and catalytic runs were repeated at least 2 times to secure reproducibility of
results. Mass balance closures, which considered for all chemical species fed to and
removed from the CREC Riser Simulator reactor. This also included the carbon deposited
over the solid particles as coke. Mass balance closures were in the ±7% range, with most
of the balances in the ±3% range. More details of this calculation are provided in
Appendix B Mass Balances.
The gaseous reaction products were analyzed using the methodology described in the
Chapter 5. Coke deposited on the catalysts and on the additives, following every single
experimental run was measured using TOC. An example for the product distribution
calculation is presented in the Appendix E.
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6.2 Thermal Runs
Thermal cracking runs, without the catalyst loaded in the CREC Riser Simulator were
performed using a 10 s reaction time and a 530 °C temperature. This thermal run
represents an extreme condition for both benzothiophene and 1,3,5-trimethylbenzene
thermal cracking. No measurable benzothiophene conversion was observed at the studied
temperatures and reactions times. However, under the extreme reaction condition studied
1,3,5-trimethylbenzene exhibited a very small conversion (lower than 6%) with main
products being TMB isomers, ethyl benzene and traces of ethane l,l-di-3,4-xylyl as
described in section 5.2 for the thiophene/TMB thermal cracking. Wright F (1962)
reported that the ethane l,l-di-3,4-xylyl can be a product of two molecules reacting via
disproportionation of two o-xylyl radicals, formed from o-xylene by thermal cracking or
by hydrogen abstraction.

6.3 Catalytic Runs
The catalytic cracking of benzothiophene was evaluated using different HIPZ-D additive
and FCC catalyst blends and employing a benzothiophene and 1,3,5-trimethylbenzene
hydrocarbon mixture. A selected set of experimental results are reported in Appendix E.

6.3.1 Benzothiophene conversion
\ .
Figure 6.1 reports benzothiophene conversions as a function of reaction time for a
benzothiophene/l,3,5-trimethylbenzene mixture with 0.6 wt % benzothiophene.
As expected while using the FCC commercial catalyst, the benzothiophene conversion
increases progressively with reaction time in the 5-10 s range, reaching a maximum value
of 21 wt% at 10 s. Conversions below at 5 s were in all cases negligible.
Nevertheless when the HEPZ-D additive and FCC catalyst were used together and results
were compared with the 100 wt% FCC catalyst, lower conversions were observed either
for the pure additive or blends of the HIPZ-D additive and the FCC catalyst.
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On the basis of the observed low benzothiophene conversions two possible scenarios were
considered: a) benzothiophene conversion occurs in the FCC catalyst mainly, b) the small
contribution of HIPZ-D additive on the benzothiophene conversion is a consequence of the
highly selective HIPZ-D adsorption process. Regarding this two possible scenarios the
former interpretation is favored given benzothiophene displays a 6

A

(Contreras et al.,

2008) molecular diameter and can be accommodated in the larger pores of the HIPZ-D. In
fact the larger pores of the HIPZ-D contribute to specific surface areas in a much smaller
proportion area than the 4

A HIPZ-D pores. Thus, benzothiophene react very modestly in

the HIPZ-D being severely constrained to access the HIPZ-D pore network (refer to Figure
5.3).
One should mention however that the FCC catalyst (Y-zeolite) has pores in the 7-12

A

range bigger than the 6 A required for benzothiophene transport.
While as stated a small quantity of benzothiophene is converted either when using a
mixture of HIPZ-D additive + FCC catalyst or the 100 wt% HIPZ-D additive, review of
the formed products (refer to section 6.3.4), still provide information about the reaction
mechanisms favored.
Furthermore results consistent with the above observations were obtained observing
benzothiophene conversion with different additive+FCC catalyst blends. Figure 6.2 reports
these findings for 530 °C. It is observed that the HIPZ-D addition reduces consistently
benzothiophene conversion. Again here, it appears that benzothiophene displays a severely
constrained transport in the HIPZ-D additive with this providing explanation for the
observed effects.

91

Figure 6.1. Benzothiophene conversion versus reaction time at 530 °C. Reaction
condition: C /0= 5.9 ±0.1, 100% FCC catalyst, 20% HIPZ-D additive + 80% FCC
catalyst, 100% HIPZ-D additive. E rror bars correspond to standard deviations of the
repeats for each condition

Figure 6.2. Benzothiophene conversion versus concentration of HIPZ-D additive in
the catalyst inventory. Reaction condition: C /0= 5.9 ±0.1, reaction time=10 s, T=530
°C. E rror bars correspond to standard deviations of the repeats for each condition
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6.3.2 TMB conversion
TMB conversions are reported in Figure 6.3 and Figure 6.4. These plots report data for
experiments performed using 99.4 wt% TMB and 0.6 wt% benzothiophene mixture.
Figure 6.3 displays a progressive increase of TMB conversion with the reaction time, with
the FCC catalyst showing the best TMB conversion case, and 100 wt% HIPZ-D additive
the worst. Blends of additives and FCC catalyst showed conversions in between. As it was
mentioned in section 5.3.2, it can be expected that the TMB reactions are controlled by
diffusion in the HIPZ-D additive given TMB molecular diameter transport constrains.
On the other hand, one can expect that TMB evolve in the Y zeolite network of the FCC
catalyst free of diffusional constrains. As a result, and even if the HEPZ-D additive has the
highest acidity, TMB molecules cannot take advantage of increased acidity given their
restricted access to the pore network. Thus, TMB conversion may dominantly occur on the
HIPZ-D crystallite external acid sites and throughout the acid sites available in the Y
zeolite of the FCC catalyst.
It is expected that TMB main reactions over the HIPZ-D additive are isomerisation and
disproportionation. However and as stated, these reactions, may be affected by the
transport constrains in the micropores size of zeolites (Park et al., 2000). Hence, one can
envision that a much higher TMB conversion will occur in the FCC catalyst component of
the Y-zeolite with large 7.4 Â pores (Tonetto et al., 2004).
In line with this, there is coke formation both in the FCC catalyst and in the HIPZ-D
additive (refers to section 6.3.4). Coke formation appears however to be higher in the FCC
catalyst than in the HIPZ-D additive.
Figure 6.4 reports the TMB conversion for the various HIPZ-D additive fractions used in
the catalyst inventory. Consistent with Figure 6.3, there are lower TMB conversions while
increasing the HIPZ-D additive fraction. There is in this respect, a dilution effect due to
the lower performance of HIPZ-D additive for TMB conversion as well as for
benzothiophene conversion.
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Figure 6.3. 1,3,5 TMB conversion versus reaction time at 530 °C. Reaction condition:
C /0= 5.8 ±0.1, using a mixture TMB/benzothiophene, 100% FCC catalyst, 20%
HIPZ-D additive + 80% FCC catalyst, 100% HIPZ-D additive. Error bars
correspond to standard deviations of the repeats for each condition

Figure 6.4. 1,3,5 TMB conversion versus concentration of HIPZ-D additive in the
catalyst inventory. Reaction condition: C/0= 5.9 ±0.1, reaction time=10 s, T=530 °C
using a mixture TMB/benzothiophene. Error bars correspond to standard deviations
of the repeats for each condition

94

6.3.3 Product distribution
As it was described in the Chapter 3, the products distribution in the gas phase was
determined with a combined GC/MSD system. The coke deposited on solids was
measured using a TOC-V analyzer with a solid sample module. The sulfur in coke was
determined by difference assuming 100% sulfur balance.
Table 6.1 reports hydrocarbon and sulfiir/coke distribution for the catalytic runs developed
using pure TMB and a benzothiophene/TMB at 530 °C and 10 s. Using 100% of FCC
catalyst, TMB products are mainly alkyl-benzene and isomers of itself, as well as light
hydrocarbons, and heavy aromatics. These chemical species represent a typical product
distribution of TMB catalytic cracking over Y-zeolites. These species are mainly coming
from transalkylation, disproportionation, condensation, paring reaction and ring
saturation/cracking, Figure 5.13 (Al-Khattaf, 2006 and Tsai et al., 1999).
Regarding the TMB catalytic conversion in the presence of benzothiophene, using a 100
wt% FCC catalyst, it is shown (Table 6.1) that higher TMB conversions are obtained than
using pure TMB. However, 4 times higher coke yields were observed using
benzothiophene with TMB feedstock. The higher yield of coke is believed to be the result
of irreversible benzothiophene adsorption over the FCCcatalyst. In this case, evidence of
benzothiophene alkylation was not found. However, formation of alkylated products was
assigned to methyl, propyl and butyl-benzothiophene (molecular diameter of 6.4, 6.7 and
7.1 Â, respectively) evolving without constrains in the Y-zeolite structure. These results
are in agreement with other research showing low alkylation of benzothiophene over Yzeolite (Valla et a i, 2004 and 2006).
Cumming et al., (1999) reported that coke from aromatic species can occur via
disproportionation. Under suitable conditions formed ion species on Bronsted sites (mainly
Y-zeolite) are unable to desorb or slow desorbing. Then, given enough reaction time, the
ion bridge formed by the interaction of neighbouring carbénium ions will extend to larger
molecular sizes or encompass at link with three charged sites (Figure 6.5). As well polyion
species, in principle very hard to desorb may undergo an internal rearrangement forming
surface-resident polyaromatics. Given enough reaction time, these processes end, forming
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highly condensed aromatics and coke. It is believed in this respect, that benzothiophene is
a prime coke precursor species with most of the benzothiophene ending as coke.

»

Condensed
arom atics
(coke)

Figure 6.5. Formation of aromatic coke from benzothiophene over a Y-zeolite
In reference to the TMB catalytic conversion using 100 wt% of HIPZ-D additive, it is
observed that gas phase products are the result of isomerization and disproportionation,
yielding isomers of TMB and dimethylbenzene (Figure 5.13).
Figure 6.6 reports the product distributions for various percentual HIPZ-D additive weight
fractions in the solid inventory. It can be noticed that the HIPZ-D additive produces
isomers of TMB and dimethylbenzene, with these reactions likely occurring on the outer
surface of the HIPZ-D zeolite crystallites only. On the other hand, the FCC catalyst
contributes producing dimethylbenzene, tetramethylbenzene, TMB isomers, toluene and
light

compounds

(C3-Cs's).

These

chemical

species

can be

associated with

disproportionation, ring saturation/cracking and paring reactions of the TMB (Rx.l, 2, 6
and 7, Figure 5.13).
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Table 6.1. Hydrocarbon products distribution from catalytic conversion of pure
TMB and benzothiophene/TMB at 530 °C, reaction time 10 s, and C/0= 5.9±0.1.
C atalytic System

100% FC C C atalyst

100% F C C C atalyst

100% A dditive

R eactan t m ixture

TM B

T M B /B enzothiophene

T M B /B enzothiophene

0.875
0.532
0.736
0.534
0.123
0.000
0.139
0.000
0.181
3.084
9.530
3.124
0.132
64.361
0.000
10.255
1.554
0.000
0.000
0.000
1.615
2.271
0.624
0.000
0.240
0.094

0.904
0.514
0.811
0.595
0.066
0.180
0.158
0.026
0.189
3.212
10.189
3.344
0.199
60.806
0.015
11.204
1.689
0.019
0.010
0.016
1.812
2.530
0.711
0.373
0.319
0.108

0.140
0.144
0.093
0.000
0.000
0.000
0.000
0.000
0.018
0.242
2.844
0.929
0.196
76.213
0.031
15.140
1.900
0.000
0.279
0.669
0.494
0.118
0.028
0.426
0.024
0.070

1.085
0.000
1.085

4.498
0.000
4.498

0.000
0.756
0.756

-

1.035
0.797
22.99

1.014
0.902
11.05

3.03
40.02
39.79

0.238
0.00
-5.98
47.40
46.67

0.112
0.00
3.30
31.57
31.05

H ydrocarbon p roducts, m ole%

Propane
Isobutane
1-propene-2-methyl
Butane
2-butene-2-methyl
1-butene
Pentane
Pentane-2-methyl
Benzene
Toluene
1,3-Dimethyl Benzene
p-xylene
1-ethyl-2-methylbenzene
1,3,5-trimethylbenzene
1-ethyl-3methylbenzene
1,2,3-trimethylbenzene
1,2,4-trimethylbenzene
1-ethyl-1,2 dimethylbenzene
1-ethyl-2,4 dimethy lbenzene
1-ethyl-1,3 dimethy lbenzene
1,2,4,5-tetramethylbenzene
1,2,3,4-tetramethylbenzene
1,2,3,5-tetramethylbenzene
Benzothiophene
Pentamethyl benzene
Ethane l,l-di-3,4-Xylyl
C ok e distribution

Coke in catalyst, wt%
Coke in additive, wt%
Total coke, wt%
S u lfu r B alance

Mass of benzothiophene inject, mg
Mass of benzothiophene out, mg
Benzothiophene conversion, wt%

.

S u lfu r D istribution

Sulfur in Solids, mg of Bth
Closed sulfur mass balance, wt%
Closed mass balance, wt%
TMB Conversion, wt%
TMB Conversion, mol%
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Figure 6.6 reports the fractions of various chemical species for various HIPZ-D additive
fractions. Concentration of propane, total C5' hydrocarbons, and benzene shows a different
trend than those reported in Figure 5.15 to Figure 5.17 (section 5.3.3) for thiophene and
TMB feedstock. In this case there is an increase of the production of propane, total C5'
hydrocarbons, and benzene for mixtures of HIPZ-D and FCC catalyst.
Hence, this behaviour confirms the view that thiophene reduction takes place inside the
pore of the additives. The increase of production of propane when thiophene is used as
model sulfur containing species, (Figure 6.6), provides support to the view that butyl
thiophene cracking indeed happens (Rx.3, Scheme 1, Figure 5.6).

Figure 6.6. Product yields versus HIPZ-D additive content in the catalyst inventory.
Reaction condition: C/0= 5.8 ±0.1, reaction time = 10 s, T= 530 °C. Error bars
correspond to standard deviations of the repeats for each condition
As result of the data reported above, it is believed that benzothiophene reduction as well as
TMB conversion, are a diffusional constrained processes when using the HIPZ-D additive.
Both TMB and benzothiophene have critical molecular diameters larger that the dominant
pore sizes of the HIPZ-D additive.
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6.3.4 Coke over the spent solids
Coke formed over the spent FCC catalyst and the additive was measured using the Total
Organic Carbon Analyzer (TOC-V) with a solid sample module (SSM-5000A). Prior to
coke measurements and as described in Chapter 3 the two components of the solid sample
(HIPZ-D additive and FCC catalyst) were separated using sieves.
Figure 6.7, Figure 6.8 and Figure 6.9 display the coke measured over the FCC catalyst, the
HIPZ-D additive and total coke, respectively. The FCC catalyst formed significantly more
coke than the HIPZ-D additive (Figure 6.7). This is in accordance with both the expected
higher TMB conversions (section 6.3.2) and the presence of benzothiophene in the
feedstock, a coke precursor (Figure 6.5). It is important to highlight that the FCC catalyst
shows a coke production between 2.8- 4.5 wt %, while the HIPZ-D additive around 0.8-1.0
wt %. As it was discussed in the section 6.3.2, in spite that the HIPZ-D additive exhibits a
higher acidity than the FCC catalyst, diffusional constrains caused by the pore size of the
additive, limit the reaction of both TMB as well as benzothiophene. The FCC catalyst
however is not affected in their performance by diffusional transport of neither TMB nor
benzothiophene.
Regarding the total coke formed (Figure 6.9), the 20 wt% HIPZ-D additive + 80 wt% FCC
catalyst mixture show coke in between the 100 wt% FCC catalyst and 100 wt% HIPZ-D
additive.
Figure 6.10 reports the coke in the two separate components of the solid mixture. As it was
expected from the TMB and benzothiophene conversions, the coke over the individual
solid mixture components is reduced with the increased HIPZ-D fractions. These coke
levels are in line with a reduced influence of various catalytic reactions once the HIPZ-D
additive fraction is augmented or the equivalent once the FCC catalyst fraction is reduced.
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Figure 6.7. Coke over the FCC spent catalyst versus reaction time at 530 °C. Reaction
condition: Feed= Bth/ TMB, C/0= 5.9 ±0.1, 100% FCC catalyst, 20% HIPZ-D
additive + 80% FCC catalyst, 100% HIPZ-D additive

Figure 6.8. Coke over the spent additive versus reaction time at 530 °C. Reaction
condition: Feed= Bth/ TMB, C/0= 5.9 ±0.1, 100% FCC catalyst, 20% HIPZ-D
additive ± 80% FCC catalyst, 100% HIPZ-D additive
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Figure 6.9. Total coke over the additive versus reaction time at 530 °C. Reaction
condition: Feed= Bth/ TMB, C/0= 5.9 ±0.1, 100% FCC catalyst, 20% HIPZ-D
additive + 80% FCC catalyst, 100% HIPZ-D additive

Figure 6.10. Contribution of coke from the FCC spent catalyst and the HIPZ-D spent
additive versus HIPZ-D additive content in the catalyst inventory. Reaction
condition: Feed= Bth/ TMB, C /0= 5.9 ±0.1.
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6.4 Conclusions
Regarding the TMB and benzothiophene conversions in the FCC catalyst and HIPZ-D
additive blends the following can be concluded:
a) Thermal cracking of benzothiophene and 1,3,5-TMB was negligible under the
conditions considered (530 °C at 10 s). Thus the observed benzothiophene and
1,3,5-trimethylbenzene conversions during the catalytic runs truly represents the
HIPZ-D additive and the FCC catalyst catalytic effects.
b) Benzothiophene conversion over the HIPZ-D additive was small and this point
towards diffusional constrains. Benzothiophene molecules are able to access only
the larger HIPZ-D zeolite pores. These larger pores contributes with the lowest
specific surface area in the HIPZ-D network.
c) Best TMB and benzothiophene conversions were obtained with the FCC catalyst.
The HIPZ-D additive had a dilution effect only.
d) Benzothiophene addition to TMB tends to produce more coke (4 times more) than
the coke formed on the commercial FCC catalyst using thiophene.
e) Benzothiophene conversion over the HIPZ-D additive and the FCC catalyst
involves formation of coke. This benzothiophene pathway is considered not to be
an optimum one given sulfur in coke is expected to be released in the regenerator
as SOx.
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Chapter 7
Conclusions and Recommendations
7

Conclusions and Recommendations

This research addresses the reduction of sulfur species using a HIPZ-D additive under
aromatic gasoline environment. This research allows elucidating factors inherent to the
FCC process such as diffusional constrains and mechanistic reaction steps. This work
helps to establish the possible application of HIPZ-D additive in the near future.
The performance of the HIPZ-D additive was evaluated using a CREC Riser Simulator
under close to FCC industrial operating conditions. The analytical system employed
includes a GC/MSD and GC/FPD/FDD with this being considered a suitable arrangement
to both identify and quantify sulfur compounds and hydrocarbon mixtures. The three
model compounds used were thiophene and benzothiophene as the key sulfur containing
species, and 1,3,5- trimethylbenzene representing a gasoline high in aromatic.

7.1 Conclusions
The following are the most relevant conclusions of this research:
1. It is shown that the HIPZ-D additive contains an HIPZ-D (OFF) exchanged zeolite
with doped Zn and Fe. It is proven that the pore size distribution includes an 82%
specific surface area related to 3.6x4.9 A pores. The HIPZ-D displays a high total
acidity of 0.2902 mmol NH3/g STP with two kinds of coexisting sites, weak and
strong acidic sites.
2. It is demonstrated that the FCC catalyst has a typical composition of a commercial
FCC catalyst loaded with Y- zeolites and rare earth, displaying a total acidity of
0.099 mmol NH3/g STP.
3. It is proven that sulfur species conversion parameter, observed during the catalytic
runs, represents the HIPZ-D additive and FCC catalyst effects. Thermal cracking of
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thiophene and benzothiophene, model hydrocarbons are found to be negligible
under the conditions studied.
4. It is shown that there is an operating window for thiophene selective adsorption
using the HIPZ-D additive. Reactions times have to be shorter than 7 seconds.
This provides a possible application of the HIPZ-D additive for thiophene sulfur
reduction in gasoline under certain FCC unit operating conditions. This thiophene
recovery may become especially effective if adequate desorption conditions are set
in the FCC stripper unit.
5. It is postulated that thiophene conversion over HIPZ-D additive under a gasoline
aromatic environment occurs according to a selective adsorption followed by
alkylation of thiophene, and catalytic cracking. The alkylation by long chain
olefinic groups yields propyl and butyl thiophene. These alkyl thiophenes can be
trapped inside the pores of the HIPZ-D zeolite as coke precursors or crack
fragments of its side change forming methyl-thiophene.
6. It is proven that diffusional constrains control the process of selective adsorption of
sulfur species such as thiophene and benzothiophene over the HIPZ-D additive as
well as TMB conversion. The selective adsorption of thiophene in the HIPZ-D
additive structure is the result of three combined effects: high acidity, small pore
size and key cations (Zn-Fe).
7. It is shown that the HIPZ-D additive and the FCC commercial catalyst blends lead
to synergetic effects promoting selective adsorption for reaction times shorter of
7s, as well thiophene conversion for longer reaction times such as 10 seconds.
8. It is demonstrated that best TMB and benzothiophene conversions are observed
while using the FCC catalyst. In the case of FCC catalyst and HIPZ-D additive
blends, the HIPZ-D contributes with a dilution effect only. This is due to
diffusional constrains experienced by the chemical species. Benzothiophene is
however, unable to access the more abundant HIPZ-D fine pore structure reaching
only the larger pores of the HIPZ-D additive.
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9. It is postulated that benzothiophene conversion over HIPZ-D additive and the FCC
catalyst under gasoline aromatic environment leads to coke mainly. This condition
is considered undesirable given this yields extra coke in the FCC unit. This extra
coke is likely to be burned in the regenerator contributing to additional SOx
emissions.
10. It is shown that operating conditions such as higher temperatures favor thiophene
and TMB conversions. This is particularly true when both HIPZ-D additive and the
FCC catalyst are present in the catalyst inventory. This is considered undesirable
for efficient sulfur species capture via selective adsorption with recovery of these
species in the FCC unit stripper.

7.2 Recommendations
On the basis of the above the following research recommendations are advanced for future
research:
1. To study more extensively the selective adsorption of thiophene using the HIPZ-D
additive or/and other additives of the same family. This selective adsorption could
be used with advantage for reducing "in situ" sulfur emissions with some changes
in the design and operation of the stripper units only. In this respect, future studies
should be based on selective adsorption of sulfur compounds during a
catalyst+additive contact times of 3-7 s in the CREC Riser Simulator. In addition,
the evaluation of adequate loading of HIPZ-D additive in the blends with FCC
commercial should be considered more thoroughly. As well, one should address
the effect of different stripper process designs and conditions (combustion gases or
steam) in selective thiophene desorption. Using this strategy the sulfur species such
as thiophene will not be entrapped as coke, and will be prevented to evolve towards
the FCC regenerator mitigating the potential effect of SOx species formation
contained in the combustion gases.
2. To develop sulfur reduction additives using zeolites accommodating bigger sulfur
containing molecules such as benzonthiophene. These new additives will help to
remove more effectively sulfur species with boiling points close to methyl-
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benzothiophene and benzothiophene (high range of gasoline boiling point).
Additives should be tested using FCC catalyst and additive mixtures at 3-7 s
reaction time range.
3. To study sulfur reduction of gasoline species using VGO feedstocks with high
aromatic content. In this manner, it will be possible to evaluate the effect of other
coexisting molecules over the HEPZ-D additives and their competition for acid sites
during sulfur reduction. This may involve reaction testing under various reactions
times, temperatures, stripping conditions, and additive - catalyst mixtures.
4. To evaluate the selective adsorption of thiophene in HIPZ-D additive as well as
new formulations using dynamic molecular modeling. Calculations may account
for the interactions between sulfur containing species and the HIPZ-D zeolite
structure. These simulations, with calculation of diffusion coefficients of reactants
and products in the HIPZ-D zeolite may allow establishing activation energies at
every stage of the desulfurization adsorption reaction network. This information
may help considerably towards the understanding of the possible reaction
mechanisms of adsorption of sulfur compounds on the acidic sites of the additive.
5. To consider the use of HIPZ-D additive in the development and application of FCC
gasoline desulfurization as a post-treatment step. The HIPZ-D additive could be
used in this case concurrently with a commercial FCC catalyst taking advantage of
selective adsorption. This study might include lower temperatures, reaction times
lower than 7 s, different additive-catalyst blends and sulfur species stripping
studies.
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Appendices
Appendix A. Reactor and Vacuum box volumes
Reactor Volume
As all lines of the CREC Riser simulator were changed for Sulfinert coating lines, the
volumes of the reactor and vacuum box were determined using a mass balance. The
volume determined included the reactor volume and the volume of the lines connecting the
reactor with the 4PV (refer to Figure 3.2). First of all, a leak tested was done, and then the
reactor was heated at 250 °C with an argon flow circulating. When the reactor reached the
set temperature, the flow of argon was stopped and the pressure in the reactor was allowed
to equilibrate to atmospheric pressure. Next then the reactor was sealed by closing the
4PV.
After that, an amount of 1,3,5-Trimethylbenzene (around 0.173 g) was injected to the riser
simulator using a calibrated gas tight Hamilton syringe, taking the weight of the syringe
before and after the injection in order to obtain the real amount of TMB injected. Finally,
with the pressure rise inside of the reactor and with the known amount of 1,3,5Trimethylbenzene (TMB) injected, the volume of the reactor was assessed. The reactor
temperature was set well above the boiling point of 1,3,5-Trimethylbenzene (166 °C)
assuring that the entire sample injected was evaporated. This procedure was repeated 10
times in order to obtain the confidential interval for the reactor volume.
The mass balance in the reactor system can be summarized as follows:
m T M B + A r ,r f
m T M B ,i ~

=

m T M B ,i

m T M B ,b i ~

+

m A r ,r

m T M B ,a i

(Eq. A. 1)
CEq. A. 2)

Where
m T M B ,i

= mass of 1,3,5 —Trimethylbenzene injected, g

mArr = initial mass of Argon trapped in the reactor, g
m T M B + A r ,r f

= final mass of 1,3,5 - Trimethylbenzene and Argon in the reactor, g

m TMB,bi = initial mass of 1,3,5 - Trimethylbenzene in the syringe before the injection, g
m T M B ,a i

— final mass of 1,3,5 —Trimethylbenzene in the syringe after the injection, g
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Using the ideal gas equation to relate mass, temperature and pressure with volume is
obtained:
Pr,iVr MWAr
m A r ,r =

(Eq.A.3)

RTr
Pr,f Vr MWrJ

m T M B + A r ,r f

RT-r

(Eq.A. 4)

Substituting Eq. A.3 and Eq. A.4 in the Eq. A.l and solving for the reactor volume the
following expression is obtained:
m T M B , j P T r ______

(Eq.A. 5)

Pr,f MWrj - PriiMWAr

Where
Vr = reactor volume, cm3
R = ideal gas constant, 1205.91 cm3psia/gmol K
Tr = reactor temperature, K
Prf = final reactor pressure, psia
Pr i = initial reactor pressure, psia
MWrf = average molecular weight of Ar and TMB in the reactor, g/gmol
MWAr = molecular weight of Ar, 39.948 g/gmol
MWtmb = molecular weight of TMB, 120.2 g/gmol
The average molecular weight of the mixture in the reactor is calculated as follows:
______________ 1______________
m A r ,ir
m A r ,ir

+

m T M B ,i

MWAr

m T M B ,i

,

+

m A r ,ir

+

(Eq.A. 6)

m T M B ,i

MW tmb

Due to the average molecular weight of the mixture in the reactor is a function of the
reactor volume, the latter one was calculated using and interactive procedure:
1. Guess of an initial Vr value.
2. Calculate MWrj, equation A.6.
3. Calculate of Vr equation A.5.
4. Verify Vr,calculated“Vr,guessed 0, if not, make l7/ calculated^Vr,guessed and repeat steps 2
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The following Table shows the whole calculation:
Table A.l. Reactor volume calculated
Observation
#

°C

g

g

g

g

v„
cm3

1

252

19.963

19.811

0.152

14.795

28.085

0.0525

79.29

56.24

2

249

19.984

19.810

0.174

14.520

29.030

0.0561

80.67

60.93

1

250

19.986

19.812

0.174

13.785

28.045

0.0548

82.65

62.84

2

252

19.986

19.815

0.171

14.667

29.319

0.0552

80.67

59.63

3

250

19.985

19.813

0.172

14.621

29.473

0.0549

80.89

59.28

4

251

19.985

19.816

0.169

14.906

28.912

0.0568

79.87

60.24

5

250

19.984

19.813

0.171

14.815

29.484

0.0555

80.55

59.15

6

250

19.988

19.814

0.174

14.673

29.782

0.0550

81.07

59.21

7

249

19.987

19.815

0.172

14.501

29.094

0.0552

80.77

60.02

8

248

19.987

19.813

0.174

14.595

29.192

0.0561

80.69

60.46

9

250

19.988

19.814

0.174

14.647

29.299

0.0561

80.69

60.47

10

249

19.990

19.812

0.178

14.417

29.313

0.0562

81.12

61.39

T„

m T M B ,i/

n iT M B ,b ¡ /

P r,i,

psia

Pr.f,

psia

^Ar,r» g

M W r,„

From the data the following statistics were obtained:
Table A.2. Statistics from the reactor volume calculated
Vr,calculated
Mean, Vr
Standard Deviation, Sn
Number of observations, n
Number of degree of freedom, df
t(l-a,df)

6 0 .0 8
0 .7 3 5
10

9
2 .8 2 1

Then the confidence limits at the 99% confidence interval were established using the
Student's t-distribution:
Vr = Vr ± t (1_a,df)^ =

(Eq.A.7)

Where
t(i-a,df) = quantity t is distributed as a Student's t distribution with degrees of freedom df,
when there is a probability 1 - a
Vr = Sample mean, cm3
Sn = Standard Deviation, cm3
n = number of observations
Hence the reactor volume was found to be 60.08 ± 0.77 at 99% confidence interval.
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Vacuum box Volume
The volume of the vacuum box system includes the vacuum chamber, sample loop, 6PV
and connecting lines (refer to Figure 3.2). The vacuum box volume was determined in a
similar manner to that of the reactor volume calculation doing a mass balance on the
reactor and the vacuum box.
The vacuum box was set at 250 °C. Then the reactor was isolated by closing the 4PV.
After that, using the vacuum pump a low pressure of approximately 2.2 psia was reached,
the vacuum box was closed. The same amount of TMB was injected to the reactor and
after few seconds, the 4PV was opened allowing the pressures of the reactor and the
vacuum box to equilibrate.
The volume of the vacuum box was calculated using the known amount of TMB injected,
the previously reactor volume calculated and from the initial and final pressure of both
reactor and vacuum chamber.
Before of TMB injection into the reactor, only there is argon in the system. The total initial
mass in the system is the sum of the mass of argon in the reactor and mass of argon in the
vacuum box:
™ -A r,T ~

™ -A r,r

"h m

A r ,v b

(Eq. A. 8 )

Where
m A r ,T
m A r ,v b

= initial total mass of Argon in the reactor and the vacuum box, g
— initial mass of Argon trapped in the vacuum box, g

After the pressure between reactor and vacuum box reach the equilibrium the final mass in
the system can be expressed as follows:
m r ,s

=

m T M B ,i

+

m Ar T

(Eq. A. 9)

m T s = final mass of 1,3,5 —trimethylbenzene and Argon in the system (reactor +
vacuum box), g
Using the ideal gas equation to relate mass, temperature and pressure with vacuum box
volume is obtained:

115

= fs£jKbMWA1

mirM

(Eq. A. 10)

RTvb

m T,s = Pr,fVrMWf s ^ PvbjV vbMWf s
RTr
RTiv b

(Eq. A. 11)

Substituting in the Eq. A.9 Equations A. 10, A. 11 and solving for the vacuum box volume
the following expression is obtained:

Pr,fVrMWf,s

„
m T M B ,i

m A r ,r

Pyb.f MWf,s

r j

-

Pvb,jMWAr

(Eq. A. 12)

RTvb
Where
Vvb = vacuum box volume, cm123
Tvb = vacuum box temperature, K
Pvbj = final vacuum box pressure, psia
Pyb.i — initial vacuum box pressure, psia
MWs f = average molecular weight of Ar and TMB in the system (reactor
+ vacuum box), g/gmol
The average molecular weight of the mixture in the system is calculated as follows:
MWs‘f =

mAr,T ~
m TMBi ~
m TMB,i + mAr,T , m TMB,i + mAr.T
MWAr
+
MWtmb

(Eth A-13)

Due to the average molecular weight of the mixture in the system is a function of the
vacuum volume, the latter one was calculated using and interactive procedure:
1. Guess of an initial Vr value.
2. Calculate MWrj, equation a.6.
3. Calculate of Vr equation a. 5.
Verify r,calculated- guessed 0, if not, make Vr calculated guessed and repeat steps 2
Table A.3 shows the whole calculation. And, from the data the following statistics
obtained is presented in Table A.4.
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Table A.3. Vacuum box volume calculated
P vb,is

Pvb,f/

psia

psia

I^Ar,vb; 6

M W S(f,g

V„b, c m 3

E rro r

2.284
2.440
2.233
2.261
2.249
2.276
2.247
2.048
2.259
2.322
2.329
2.255

3.586
3.782
3.566
3.599
3.600
3.607
3.612
3.414
3.588
3.688
3.692
3.623

0.173
0.182
0.167
0.168
0.166
0.171
0.164
0.151
0.169
0.171
0.172
0.168

55.345
55.620
56.562
56.252
56.469
55.841
56.464
57.520
56.242
56.235
56.179
56.692

1186.27
1179.03
1174.09
1169.36
1171.98
1186.64
1157.92
1168.64
1187.08
1165.40
1168.62
1178.16

9.47E-05
1.02E-07
1.49E-05
9.93E-07
7.88E-07
2.99E-06
2.08E-04
7.51E-06
1.11E-04
1.20E-04
1.67E-05
2.10E-04

Tub. °C

246
250
248
249
254
251
253
251
252
251
251
250

Table A.4. Statistics from the vacuum box volume calculated
Mean, Vvb
Standard Deviation, Sn
Number of observations, n
Number of degree of freedom, df
t(l-a,df)

Vvb,calculated
1174.64
9.941
10
9
2.821

Then the confidence limits at the 99% confidence interval were established using the
Student's t-distribution:
Kb — Kb

± t(l-a,dO

(Eq- A. 14)

where
Kb

= Sample mean, cm3

Hence the vacuum volume was found to be 1174.6 ± 2.8 at 99% confidence interval.
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Appendix B. Mass Balance
This appendix reports mass balance for the experimental data. An important observation
from these runs was that the mass balance closures, which included all chemical species
being fed to and removed from the reactor, were in less than ±7% range. Most balance
closure was ±3%.
The mass balance closure was defined as:

MBC

m j - r r i f - mr c
*

100

Eq.B. 1

m i

Where
MBC = m ass balance closure, % w t/w t
mi = total m ass o f reactants injected, g
mf = total m ass o f reactions products, g
m T c = total m ass o f coke in the catalyst inventary, g
The total mass of coke in the catalyst inventory is defined as the coke produce in the
HIPZ-D additive and in the FCC catalyst:
m T,c = rnaddiC + m bCiC

Eq. B. 2

Where
m a d d ,c
m b c ,c

= m ass o f coke in the HIPZD additive, g

— mass o f coke in the FCC catalyst, g

The amount of reactant injected was calculated as the difference between the mass of the
syringe before (m.feedibi) and after (mfeed ai) performing the injection.
mi —m f eedbi

m f eedai

The mass of products was determined calculating the total product moles in the system
with ideal gas law and using the average molecular weight of product mixture in an argon
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free basis. One can notice that it is possible to do the mass balances for two ways: a) doing
the mass balance in the reactor (Eq. B.3) or b) doing the mass balance in the reactor
+vacuum box (Eq. B.4). The following expressions were obtained:
iP r .f - Pr,i) Vr

"p,r =

_ jP y b J
n P-v b + r ~

R Tr

Pyb,i) Vyb

(Eq. B. 3)

(P r,fe

RT^b

Pr,i) ''r
R Tr

(Eq. B. 4)

Where
np r = total moles of product using the reactor, mole
rip yb + y

= total moles of product using the whole system (reactor + vacuum box), mole

Pr ,fe —

final equilibrium reactor pressure when the 4PV is open,, psia

Vvb

= vacuum box volume, cm3

Tvb

= vacuum box temperature, K
= final vacuum box pressure, psia

P yb.f

= initial vacuum box pressure, psia

b,i
Vr

= reactor volume, cm3

R =

ideal gas constant, 1205.91 cm 3 psia/gm ol K

Tr =

reactor temperature, K

Pr j

\

= final reactor pressure, psia

Pr i =

initial reactor pressure, psia

Then, the total mass of product can be calculated working only with the reactor (Eq. B.3)
or using the whole system reactor+ vacuum box, (Eq. B.4), then Eq. B.5a and Eq. B.5b
should be used for each system respectively.
™P,r = np,r MWp or
m p .vb

= np,vP+rMWp or

(Eq. B. 5a)
(Eq. B. 5b)

The average molecular weight of the product mixture was calculated using the molecular
weight of the individual species and the weight fractions as follows:
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W % = = r4 r

With

wi

(E q .B .6 )

and M W i representing the weight fraction and molecular weight (g/gmol) of each

product species respectively. The weight fraction of each hydrocarbon species was
calculated by normalizing the FID chromatogram peak areas and using response factors.
In Table B.l is reported mass balances calculated for a selected set of catalytic runs of
thiophene/TMB mixtures reacted at 530 °C. In addition, Table B.2 is presented in order to
exemplify material balances for the same condition (run).
Table B.l. Mass balances of catalytic conversion of thiophene/TMB mixtures with
1.22 wt% thiophene reacted at 530 °C, reaction time 5, 7 and 20 s, 20 wt% HIPZ-D
additive + 80 wt% FCC catalyst and C/O = 5.9 ±0.2
RUN 43_B1

RUN 42_B1

RUN 14_B4

5

7

10

8

19.890

19.616

19.889

m feed,ai> 8

19.722

19.780

19.722

mog
MWP, g/gmol

0.168

0.164

0.167

117.65

116.79

116.09

Tr/c
Tvb, °C

530.5

531.0

530.0

250.5

256.0

250.5

Pr,u PS'

14.526

14.413

14.585

P r,f. Psi

35.612

34.629

35.585

P r.fe . PS'

3.974

3.962

3.973

Pvb,i> Ps'

3.264

3.250

3.329

P vb,f. psi

4.308

4.285

4.366

0.154

0.146

0.151

0.152

0.150

0.148

m add,C'9

0.0017

0.0018

0.0023

m b c ,c t%

0.0103

0.0116

0.0139

m T .a &

0.0120

0.0134

0.0162

1.32

2.62

-0.25

2.29

0.42

1.59

Run Name
Reaction Time, s
m fe e d ,b O

™ -p ,r» 8
m p ,v b » 6

MBC(using reactor), %
MBC(using reactor + vacuum box), %
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Table B.2. Difference mass balances for Run 30 using thiophene/TMB mixtures with
1.22 wt% thiophene reacted at 540 ° C ,, reaction time 10 s, 30 wt% HIPZ-D additive
+ 70 wt% FCC catalyst and C/O = 5.9 ±0.2
Run Name

RUN 30_B1

RUN 30_B2

RUN 30_B5

RUN 30.B 6

10

10

10

10

m feed ,b i>S

19.808

19.815

19.783

19.782

m feed,ai> 8

19.640

19.648

19.618

19.616

m itg

0.168

0.167

0.165

0.166

MWP, g/gmol

117.36

116.49

115.60

115.47

Tr,°C
Tvb, °C

540.0

540.0

540.0

540.0

265.0

267.0

267.0

Pr,i> PSi

14.705

14.564

14.436

14.406

P r,f, PSi

35.547

35.385

35.076

35.166

Pr,fe> PS'

3.899

4.200

3.840

3.840

Pvb,i. PSi

3.205

3.320

3.221

3.221

P vb,f. PSi

4.269

4.378

4.288

4.288

0.150

0.149

0.146

0.147

0.152

0.151

0.149

0.148

^a d d ,c* 9

0.0025

0.0027

0.0032

0.0032

m b c ,c &

0.0143

0.0109

0.0103

0.0103

0.0168

0.0136

0.0134

0.0134

0.80

2.85

3.26

3.42

-0.31

1.30

!.27

2.59

Reaction Time, s

™ T ) ,v b &

g
MBC(using reactor), %
™ T ,C

MBC(using reactor + vacuum box), %

256.0

^
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Appendix C. Thiophene Calibration curve
Flame Photometric Detector (FPD) uses the chemiluminescent reactions in a hydrogen/air
flame as a source of analytical information that is relatively specific for substances
containing sulfur. The emitting species for sulfur compounds is excited S2. Then, FPD
only can make a relation between areas of the peak and sulfur mass. It is why was needed
and MS coupled to the GC, to identified the sulfur species relate with a peak. To do any
calibration curve the whole components in the system has to be considered (TMB,
thiophene and Ar).
The thiophene calibration curve that correlates the thiophene concentration with its FPD
area was determined using thiophene/TMB mixtures and changing the quantity injected to
the CREC Riser Simulator coupled to the GC/FID/FPD system.
First of all, a leak tested was done the reactor and the vacuum box was heated at 250 °C,
while an argon flow circulating. The reactor temperature was well above the boiling point
of TMB (166 °C) and thiophene (84 °C) assuring that the entire sample injected was
evaporated. When the reactor reached the set temperature, the flow of argon was stopped
and the pressure in the reactor was allowed to equilibrate to atmospheric pressure. Then
the reactor was sealed by closing the 4PV. After that, using the vacuum pump a low
pressure of approximately 3.2 psia was reached, the vacuum box was closed.
After that, a sample of thiophene/TMB mixture (was weighted) with a known thiophene
concentration was injected to the riser simulator using a calibrated gas tight Hamilton
syringe. And after few seconds, the 4PV was opened allowing the pressures of the reactor
and the vacuum box to equilibrate. The 6 PV valve, initially in load position to fill up the
sample loop, was turned to inject position to send the sample to the GC/FID/FPD system.
Then, to calculate the real concentration of thiophene in the system (reactor + vacuum
box) included the Ar in the initial conditions a whole mass balance was done. It is
important to highlight that the Ar has a big influence in the peak area over the FPD,
because it is diluting the sample. Due to the vacuum box has a high volume and low
pressure conditions changes in 0 .2 psi can generate changes in the peak area of 2 0 0 ppm of
thiophene that can represent a conversion of 5 wt% for this specie. Considering, that the
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initial conditions in the vacuum for the whole experiments can change between 2.8 - 3.3
psia it is taking in account the influence of Ar in the concentration of thiophene. In
addition, it was also done a calibration curve that relates sulfur mass with peak area.
The concentration of thiophene in the system was calculated using the following
equations:
Q h ,s —

m thli
* 1■106
m i + m A rJ
C th ,i

m t h ,i =

1 -1 0 6

m A r ,T ~

m A r ,r

(Eq. C. 1)

m¿

(Eq. C. 2)

m A r ,v b

(Eq. C. 3)

Where
“f- \
( reactor
vacuum box/ ’ enter*nS t0
FPD,ppm
mth,i = initial mass of thiophene injected in the reactor, g
Cth.i = initial concentration the thiophene injected in the reactor, ppm
mj = total mass of reactants injected, g
m Ar,T
m A r,vb

= initial total mass of Argon in the reactor and the vacuum box, g
= initial mass of Argon trapped in the vacuum box, g

mAr,r = initial mass of Argon trapped in the reactor, g
The amount of reactant injected (m*) was calculated as the difference between the mass of
the syringe before ( m f eed bi) and after (m .fee d A i) performing the injection.
~

™ fe e d .,b i

m fe e d ,a i

(Eq* C. 4)

Using the ideal gas equation to determine the Ar mass in the reactor and in the vacuum is
obtained:
Pr,jVrMWAr
^Ar.r =

RT*.
Pvb,iVvbMWAr

m A r .v b

Where
Vr = reactor volume, cm3

RTv b

(Eq. C. 5)

(Eq. C. 6 )
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R = ideal gas constant, 1205.91 cm3psia/gmol K
Tr = reactor temperature, K
Pr i = initial reactor pressure, psia
MWAr = molecular weight of Ar, 39.948 g/gmol
Vvb = vacuum box volume, cm3
Tvb = vacuum box temperature, K
Pvb i = initial vacuum box pressure, psia
Table C.l shows the whole calculation to obtain the concentration of thiophene in the
system, which is injected to FPD. The thiophene area measured in the FPD allowed
correlating this sulfur specie area with its concentration in ppm, as it is shown in Figure
C.l. Seven solutions were used to obtain the calibration curve thiophene with
concentrations of thiophene between 12247 ppm to 541 ppm of thiophene in TMB. The
concentration in thiophene mixture in the whole system (before injected to FPD) was
varied from 163 ppm to 10239 ppm. A total of 30 points were done to obtain the curve.

Figure C .l. FPD calibration curve for thiophene. The upper and lower bound lines
correspond to the error of the regression
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Table C .l. Concentration of thiophene calculated
Cthjb

P r.i,

P v b,i

Tr ,

Tvb*

m fe e d .b m fe e d ,a i

ppm

psi

,psi

C

C

*g

m t,

m A rj9
m th,b 8

g

*g

g

Cth,s>

Area in

ppm

FPD

12247

14.090

3.191

252

252

70.595

69.115

1.480

0.2899

0.01812

10239

3.18E+10

12247

14.609

3.087

252

252

70.094

69.128

0.966

0.2842

0.01183

9463

2.62E+10

12247

14.606

3.160

251

251

69.756

69.336

0.420

0.2901

0.00514

7244

2.00E+10

12247

14.819

3.261

251

247

20.038

19.646

0.392

0.3005

0.00480

6931

2.03E+10

12247

14.853

3.271

251

246

20.038

19.646

0.392

0.3016

0.00480

6920

1.97E+10

12247

14.795

3.240

252

246

20.038

19.652

0.386

0.2989

0.00473

6900

2.04E+10

12247

14.913

3.241

249

249

19.995

19.646

0.349

0.2987

0.00427

6598

1.83E+10

12247

14.776

3.274

252

249

19.995

19.647

0.348

0.3002

0.00426

6573

1.88E+10

12247

14.357

3.241

250

252

20.110

19.808

0.302

0.2948

0.00370

6198

1.78E+10

12247

14.616

3.242

247

248

19.950

19.649

0.301

0.2983

0.00369

6150

1.77E+10

12247

14.743

3.181

249

249

19.950

19.646

0.304

0.2935

0.00372

6230

1.85E+10

12247

14.748

3.201

250

243

19.911

19.650

0.261

0.2975

0.00320

5722

1.56E+10

12247

14.949

3.226

251

242

19.915

19.652

0.263

0.3005

0.00322

5715

1.71E+10

12247

14.747

3.132

249

248

19.864

19.648

0.216

0.2901

0.00265

5227

1.54E+10

12247

14.670

3.243

250

248

19.865

19.646

0.219

0.2982

0.00268

5185

1.64E+10

12247

14.735

3.261

251

248

19.865

19.648

0.217

0.2997

0.00266

5143

1.63E+10

12247

14.489

3.222

250

251

20.015

19.808

0.207

0.2943

0.00254

5057

1.56E+10

12247

14.859

3.228

248

248

19.820

19.648

0.172

0.2980

0.00211

4482

1.31E+10

12247

14.703

3.257

248

247

19.819

19.645

0.174

0.3000

0.00213

4495

1.39E+10

12247

14.709

3.246

251

244

19.820

19.646

0.174

0.3003

0.00213

4493

1.33E+10

12247

14.206

3.168

250

253

19.951

19.810

0.141

0.2883

0.00173

4022

1.25E+10

12247

14.817

3.260

250

250

19.778

19.647

0.131

0.2991

0.00160

3730

9.95E+09

12247

14.480

3.177

249

255

19.926

19.819

0.107

0.2893

0.00131

3307

9.17E+09

6008

14.201

3.168

250

250

19.948

19.808

0.140

0.2897

0.00084

1958

4.63E+09

5408

14.254

3.219

250

252

19.928

19.808

0.120

0.2927

0.00065

1572

3.54E+09

3606

14.393

3.192

249

254

19.930

19.813

0.117

0.2905

0.00042

1035

1.13E+09

3606

14.541

3.228

250

252

19.927

19.809

0.118

0.2945

0.00043

1032

9.15E+08

2705

14.573

3.233

251

252

19.934

19.808

0.126

0.2949

0.00034

810

9.18E+08

1623

14.569

3.238

251

248

19.940

19.809

0.131

0.2971

0.00021

497

3.69E+08

541

14.501

3.210

250

256

19.934

19.808

0.126

0.2912

0.00007

163

1.35E+08
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From the data obtained in the Table C.l the following statistics were obtained:
Table C.2. Statistics from the regression curve
Regression Statistics
Multiple R
0.994
R Square
0.988
Adjusted R Square
0.988
Standard Error
287
Observations

30

Equation C.7 reports the calibration curve obtained from the thiophene concentration FPD area data (Figure C.l). Its coefficient of determination R2 was 0.988, with this result
indicating that the proposed polynomial model (Eq. C.7 ) adequately represent the data.
Cth ,s

= 3 ■ 1 0 " 19 G4F i,o ) 2 + 3 • 10 ~ 7A f p d

+

451.52

(Eq. C. 7)

Where AFPD is the FPD area.

s
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Appendix D. Product distribution, conversion and sulfur mass balance
D.l. Product distribution
The identification and quantification of products were done in 6890N gas chromatograph
(GC) connected to an Agilent 5973N mass selective detector (MSD), with flame
photometric detector (FPD) and flame ionization detector (FID ) allowed the quantification
of the products. The FPD was utilized for the selective detection of sulfur compounds at
ppm levels in hydrocarbon mixtures, and the FID was employed to quantify the
hydrocarbon species in a sulfur free basis.
Table D.l reports an example of a catalytic product distribution calculated from a
GC/FID/FPD data. It can be observed, that the response factor (RF) for each hydrocarbon
was considered equal to 1 (Dietz, 1967), and because of that, the area percent of the peak
calculated for each compound in the FID gave directly the weight percent of the species in
the sample being analyzed. After the sulfur species distribution is obtained in the FPD, the
hydrocarbon distribution in a sulfur basis is then calculated, as it is shown Table D.l.
Regarding to the sulfur species distribution, the thiophene concentration in the gas product
(Table D.l) is calculated using the calibration curve that correlates the FPD area of this
sulfur compound and its weight percent (refer to equation C.7, Appendix C). Moreover,
the concentration of the rest of the sulfur species is then obtained using the calculated
thiophene weight percent and the sulfur specie - thiophene area ratio (refer to "relative
area" column, Table D.l).
The coke deposited on the additive and the FCC catalyst measured in a total organic
carbon analyzer (TOC-V) with a solid sample module (SSM-5000) from Mandel, for the
catalytic run reported in Table D.2 Prior to coke measurements additive and FCC catalyst
were separated using sieves given their different particle distribution. On the other hand,
the sulfur in the coked catalysts and coked additive were determined with an Elemental
analyzer for comparison by a CNS LECO equipment model 985.
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Table D.l. Hydrocarbon and sulfur products from catalytic conversion of
thiophene/TMB, using 90 wt% FCC catalyst and 10 wt% additive, 1.22 wt%
thiophene, 540 °C, reaction time 10 s, and C/0=5.9±0.2 (Runl8_B2)
FID Signal H ydrocarbons products

Retention
Tim e, min

FID Area

w t%

Mwi

% m ol,
free A r

% m ol,
Ar

included

Propane

3.480

8237394

0.402

44.10

0.000

0.000

Isobutane

3.530

5097783

0.249

58.12

1.090

0.155

l-p ro p en e-2-M eth yl

3.720

7072015

0.345

56.11

0.512

0.096

Butane

3.950

4106879

0.200

58.12

0.735

0.133

Butane-2-M ethyl

4.040

448427

0.022

72.15

0.412

0.077

2-Butene-2-M ethyl

4.110

1516322

0.074

70.15

0.036

0.008

Pentane

4.800

1251941

0.061

72.15

0.126

0.028

Pentane-2-M ethyl

5.160

324819

0.016

86.18

0.101

0.023

Benzene

10.330

3503832

0.171

78.11

0.022

0.006
0.066

Unreacted Thiophene

10.640

20118586

0.982

84.14

0.262

Toluene

15.410

38824715

1.894

92.14

1.396

0.378

Thio phene-2-M ethyl

15.450

0.000

98.17

2.459

0.729

Thiophene-3-M ethyl

15.690

0.000

98.17

0.000

0.000

1,3-Dim ethyl Benzene

18.260

85465575

4.170

106.18

0.000

0.000

p-Xylene

18.740

28206460

1.376

106.18

4.698

1.605
0.530

l-e th yl-2 m e th yl Benzene

19.960

4741586

0.231

120.19

1.550

U nreacted 1,3,5-Trim ethylbenzene

20.210

16319783

79.627

120.19

0.230

0.089

1,2,3-Trim ethylbenzene

20.550

727741

0.036

120.19

79.246

30.650

1,2,4-Trim ethylbenzene

20.950

79630793

3.885

120.19

0.036

0.014

l-e th y l-2 ,4 dim ethyl Benzene

20.950

11685095

0.570

134.22

3.866

1.495

1,2,4,5-Tetram ethylbenzene

22.185

10225333

0.499

134.22

0.508

0.219

1,2,3,4-Tetram ethylbenzene

22.236

14640562

0.714

134.22

0.445

0.192

1,2,3,5-Tetram ethylbenzene

22.620

4175758

0.204

134.22

0.636

0.275

Pentam ethyl Benzene

24.015

4297566

0.210

148.24

0.182

0.079

N aphtalene-x-m ethyl

24.02-24.99

15558274

0.555

156.00

0.169

0.081

N aphtalene-x,y-dim ethyl

25.00-25.99

26471405

0.851

156.00

0.426

0.214

N aphtalene-x,y,z-trim ethyl

26.00-26.99

2830186

0.079

170.00

0.653

0.328

121278

0.294

238.37

0.056

0.030

Ethane l,l-d i-3 ,4 -X y ly l

28.500

395600108
FPD Signal Sulfur products

Retention
Tim e, min

FPD Area

ppm

Mwi

Thiophene

10.5

8460822462

3011

84.14

Thio phene-2-M ethyl

12.2

0

0

98.17

Thio phene-3-M ethyl

12.5

0

0

98.17

8460822462

w t%, Ar

included
0.301
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D.2. Conversion
The conversion of thiophene, benzothiophene and TMB were assessed as follows:
- mi „ * 100
x _ m, i------J£
mj,i

(Eq. D

Where
Xj = conversion of the compound J, wt%
nij j = mass of the compound J injected to the reactor, g
mj p = mass of the compound J in the products, g
The thiophene and TMB conversion calculated with equation D. 1 with the data reported in
Table D .l is presented in Table D.2.
D.3. Sulfur mass balance
The sulfur balance for thiophene and benzothiophene were assessed as follows:
M W .
m j,i ~

SBC =

m j,p ~

m S in c o k e * M W c ~

M W j
m xs * M W

------------------------------------------------------— * 100

( E q . D . 2)

m j,i

mj,i ~ m iCj,i

(Eq.D. 3)

mj,p ~ m p,ArCj,s

(Eq.D. 4)

Where
Cj i = initial concentration of the compound j injected in the reactor, wt%
Cj S = final concentration of the compound j in the products including Ar, wt%
mp Ar = total mass of products including including Ar mass, g
MWj = molecular weight of the compound j, g/gmol
MWS = molecular weight of sulfur, 32.015 g/gmol
ms in Coke = total mass of sulfur measure in the solids, g
mxs = total mass of sulfur species such as methyl thiophene, g
It is important to highlight that the CBth,i was calculated using the equation C.7, Appendix
C, referring the concentration of thiophene to benzothiophene using the molecular weight
relation of both species.
m p ,A r ~

m A r ,T T ^ p , r

o r

m p ,A r =

m A r , T T T T lp ,v b

(E q . D .

5)
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m Ar,T = m Artr + m Arvb

(Eq. D. 6)

Where
m Ar,T

= initial total mass of Argon in the reactor and the vacuum box, g

mAr,vb = initial mass of Argon trapped in the vacuum box, g
Using the ideal gas equation to determine the Ar mass in the reactor and in the vacuum is
obtained:
Pr,jVrMWAr

™Ar,r =

(Eq. D. 7 )

RTr
PvbliVvbMWAr

m A r ,v b

~

(Eq. D. 8)

RTvb

Where
Vr = reactor volume, cm3
R = ideal gas constant, 1205.91 cm3psia/gmol K
Tr = reactor temperature, K
Pr>i = initial reactor pressure, psia
MWAr = molecular weight of Ar, 39.948 g/gmol
Vvb = vacuum box volume, cm3
Tvb = vacuum box temperature, K
Pvb,i = initial vacuum box pressure, psia
The total mass of sulfur in the inventory of catalyst is defined as the sulfur produced in the
HIPZ-D additive and in the FCC catalyst:
in c o k e

~

m a d d ,s

"F m

b c ,s

(P R - D .

9)

Where
madd,s = mass of sulfur in the HIPZ - D additive, g
mbc,s = mass of sulfur in the FCC catalyst, g
The amount of reactant injected was calculated as the difference between the mass of the
syringe before {mfeedbi) and after (mfeed ai) performing the injection.
TT li — T T l f e e d . b i

m fe e d ,a i

(,Eq.D. lO')
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The mass of products was determined calculating the total product moles in the system
with ideal gas law and using the average molecular weight of product mixture in an argon
free basis. The following expressions were obtained:
CP r f ~ P r i ) V r

m p x = .. .. : L R T r

™ P,vb =

MWV

(Eq. D. 11)

( P vb,f ~ P v b ,i ) V v b
, (P r,fe ~ P r.i) K
--------- --------------- M W p + --------— -------- M W V

n
^
(Eq. D. 12)

Where
mp r = total mass of product using the reactor, g
mp vb = total mass of product using the whole system (reactor + vacuum box), g
Pr fe = final equilibrium reactor pressure when the 4PV is open, psia
Vvb = vacuum box volume, cm1*3
Tvb = vacuum box temperature, K

Pvb,f =

final vacuum box pressure, psia

Pvb j = initial vacuum box pressure, psia
Vr = reactor volume, cm3
R = ideal gas constant, 1205.91 cm3psia/gmol K
Tr = reactor temperature, K
Pr f = final reactor pressure, psia
Pr i = initial reactor pressure, psia
MWp = average molecular weight of the product mixture, g/gmol
Then, the total mass of product can be calculated working only with the reactor (Eq. D.l 1)
or using the whole system reactor+ vacuum box, (Eq. D.12). The average molecular
weight of the product mixture was calculated by normalizing the FID chromatogram peak
areas and using response factors, and the weight fraction of each sulfur species was
calculated using the FPD chromatogram peak areas and calibration curves.

MWp =

1
v Wj
L MWi

(Eq. D. 14)
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In Table D.2 is reported the conversions of TMB and thiophene, mass balances and sulfur
balance calculated for the data presented in Table D.l in order to exemplify the whole
calculation for the same condition (RUN 18_B2).
Table D.2. Hydrocarbon and sulfur conversions, mass balance and sulfur balance of
thiophene/TMB, using 90 wt% FCC catalyst and 10 wt% additive, 1.22 wt%
thiophene, 540 °C, reaction time 10 s, and C/0=5.9±0.2 (Runl8_B2)
Pressure and Temperature profile

Initial Reactor Pressure, Pr i, psi
Final Reaction Reactor Pressure, Pr f , psi
Final Reactor Pressure in the equilibrium (reactor - vacuum box), Pr j e, psi

14.649
38.503
3.898

Initial Vacuum Pressure, Pvb.i, Psi
Final Vacuum Pressure, PVb j , psi
Reactor Temperature, Tr , °C
Vacuum box Temperature, Tvb ,° C
Total mass of Ar, mAr T, g
Initial mass injected, rrij, g
Total mass of products (MB: reactor), m p rt g

3.205
4.246
540.0
271.5
0.273
0.173
0.167

Total mass of products (MB: reactor + vacuum box), m pvb, g
Average molecular weight, MWp ,g/gmol
Coke distribution
Coke in the FCC catalyst, wt%
Coke in the additive, wt%
Sulfur in the FCCcatalyst, wt%
Sulfur in the additive, wt%
Total coke, wt%
Sulfur Balance
Mass of Thiophene inject, m th i , mg th
Mass of Thiophene out,, m th p , mg th
Mass of thiophene in the solid, m th in coke, mg th

0.175
114.2
0.607
0.560
0.028
0.048
0.597
2.119
1.325
0.841

Closed mass balance (MB: reactor), %
Closed mass balance (MB: reactor + vacuum box), %
Closed sulfur mass balance (MB: reactor), %
Closed sulfur mass balance (MB: reactor + vacuum box), %

0.06
-4.82
-2.23
-3.43

Thiophene conversion, X th, %
TMB Conversion, X TMB, %__________________________

36.26
18.28
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Appendix E. Experimental results
A selected set of experimental results are reported in this appendix, with a detailed
discussion of them being carried out in Chapter 5 and Chapter 6 of the present research.
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Table E .l. Conversion and products distribution from catalytic runs of additive and
FCC catalyst mixtures using thiophene/TMB , with 1.22 wt% thiophene, at 530 °C,
at 10s, and C /0= 5.8 ±0.2
Inventory of catalyst mixture
HIPZ-D additive, wt%
FCC catalyst, wt%
Hydrocarbon products,
%mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Sulfur in catalyst, wt%
Sulfur in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
Closed sulfur mass balance, %
TMB Conversion, wt%

0
100

10
90

20
80

30
70

100
0

1.366
1.475
0.189
0.150
2.946
13.073
0.200
62.733

1.490
1.627
0.169
0.218
2.849
9.474
0.223
71.652

1.171
1.300
0.125
0.192
2.276
7.733
0.221
76.290

0.926
0.856
0.065
0.154
2.064
8.728
0.206
72.804

0.176
0.013
0.000
0.000
0.211
3.265
0.189
79.863

10.715
1.491
5.821
0.436
0.000
0.035
0.070
0.008

6.971
0.928
2.809
0.169
0.029
0.063
0.054
0.003

6.108
0.000
2.152
0.129
0.018
0.043
0.036
0.065

8.269
1.047
3.245
0.167
0.017
0.036
0.028
0.100

12.213
0.911
1.431
0.015
0.000
0.004
0.021
0.084

1.473
0.000
0.017
0.000
1.473

1.107
0.804
0.011
0.011
1.077

1.386
0.828
0.020
0.012
1.274

1.365
0.951
0.010
0.030
1.241

0.000
0.719
0.000
0.011
0.719

2.11
1.21
42.78
-0.54
3.54
37.22

2.04
1.33
34.60
2.10
16.45
31.59

2.07
1.54
29.00
0.70
1.00
28.88

2.10
1.49
28.89
3.13
6.26
32.61

2.08
1.49
28.97
-0.87
11.60
27.37
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Table E.2. Conversion and products distribution from catalytic runs of additive and
FCC catalyst mixtures using thiophene/TMB , with 1.22 wt% thiophene, at 520 °C,
at 10s, and C /0= 5.8 ±0.2
Inventory of catalyst mixture
HBPZ-D additive, wt%
FCC catalyst, wt%
Hydrocarbon products,
%mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dim ethyl
Naphtalene-x,y,z-trimethyl
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

0
100

10
90

20
80

30
70

100
0

0.982
1.475
0.189
0.150
2.946
13.073
0.211

1.094
1.704
0.199
0.205
2.559
7.994
0.233

0.728
1.129
0.140
0.150
2.214
8.907
0.221

0.685
0.764
0.073
0.108
1.813
7.646
0.216

0.085
0.000
0.000
0.000
2.929
2.609
1.111

60.863
11.255
1.571
5.821
0.436
0.000
0.035
0.070
0.008

75.957
5.578
0.717
2.097
0.086
0.049
0.034
0.033
0.005

73.011
8.243
0.000
3.318
0.212
0.014
0.041
0.034
0.028

76.376
6.923
0.866
2.693
0.176
0.026
0.042
0.030
0.184

78.078
11.277
1.234
1.151
0.015
0.007
0.000
0.000
0.012

1.044
0.000
1.044

0.936
0.732
0.916

1.269
0.935
1.202

1.213
0.797
1.088

0.000
0.784
0.784

2.11
1.10
47.84
-0.22
37.22

2.13
1.42
33.22
2.88
31.59

2.12
1.36
32.57
1.23
28.88

2.05
1.32
31.57
4.86
32.61

2.10
1.43
29.05
0.73
27.37
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Table E.3. Conversion and products distribution from catalytic runs of additive and
FCC catalyst mixtures using thiophene/TMB , with 1.22 wt% thiophene, at 540 °C, at
10 s, and C /0= 5.8 ±0.2
Inventory of catalyst mixture
HIPZ-D additive, wt%
FCC catalyst, wt%
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-Tetramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane l,l-di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

0
100

10
90

20
80

30
70

100
0

1.919
1.798
0.174
0.170
2.701
13.317
0.190

2.040
1.506
0.143
0.237
3.008
10.032
0.216

1.840
1.202
0.079
0.241
2.335
6.789
0.231

1.321
0.957
0.063
0.173
2.229
8.115
0.213

0.248
0.038
0.050
0.050
0.328
3.915
0.188

62.372
10.332
1.485
4.255
0.297
0.009
0.043
0.079
0.065

69.512
7.397
1.000
2.859
0.205
0.031
0.108
0.092
0.003

81.595
4.048
0.000
1.276
0.139
0.032
0.061
0.034
0.016

74.406
7.117
0.927
2.772
0.137
0.025
0.079
0.042
0.150
\

72.938
16.803
1.945
1.700
0.031
0.000
0.000
0.010
0.089

1.196
0.000
1.196

1.107
0.804
1.077

1.133
0.896
1.086

1.374
0.856
1.219

0.000
0.804
0.804

2.09
0.94
55.01
-0.98
37.22

2.09
1.32
38.19
4.40
31.59

2.08
1.28
35.37
5.51
28.88

2.03
1.58
30.85
4.40
32.61

2.08
1.43
31.18
7.51
27.37
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Table E.4. Conversion and products distribution from catalytic runs of 100 wt%
additive using thiophene/TMB , with 1.22 wt% thiophene, at 530 °C, at different
reactor times, and C /0= 5.9 ±0.2
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane l,l-di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.136
0.000
0.000
0.000
0.179
1.593
0.222
81.574
10.081
0.954
3.125
0.275
0.151
0.284
0.059
0.094

0.168
0.000
0.000
0.000
0.205
3.282
0.195
77.366
13.872
1.057
3.270
0.178
0.044
0.080
0.017
0.085

0.176
0.013
0.000
0.000
0.211
3.265
0.189
79.863
12.213
1.491
5.202
0.356
0.009
0.046
0.056
0.058

0.000
0.822
0.822

0.000
0.796
0.796

0.000
s 0.719
0.719

2.01
1.59
20.89
5.54
22.00

2.08
1.64
20.79
4.78
26.02

2.08
1.49
28.97
-0.87
27.37
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Table E.5. Conversion and products distribution from catalytic runs of 100 wt%
FCC catalyst using thiophene/TMB , with 1.22 wt% thiophene, at 530 °C, at different
reactor times, and C /0= 5.9 ±0.2
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.765
0.997
0.140
0.140
2.051
8.484
0.209
73.691
7.281
0.954
3.125
0.275
0.151
0.284
0.059
0.094

1.175
1.479
0.196
0.196
2.683
10.091
0.215
70.030
7.918
1.057
3.270
0.178
0.044
0.080
0.017
0.085

1.366
1.539
0.172
0.172
2.004
12.888
0.200
62.733
10.715
1.491
5.202
0.356
0.009
0.046
0.056
0.058

1.482
0.000
0.000

1.435
0.000
0.000

1.473
0.000
0.000

2.05
1.45
28.20
-2.01
30.28

2.03
1.50
25.73
2.57
36.96

2.11
1.55
29.00
-0.54
37.22
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Table E.6. Conversion and products distribution from catalytic runs of 10 wt%
additive and 90 wt% FCC catalyst using thiophene/TMB , with 1.22 wt% thiophene,
at 530 °C, at different reactor times, and C /0= 5.9 ±0.2
Reaction Time, s
Hydrocarbon products,
%mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
N aphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane l,l-di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.386
0.462
0.078
0.078
1.069
4.234
0.198

0.480
0.670
0.103
0.103
1.275
5.059
0.201

1.490
1.627
0.218
0.218
2.849
9.474
0.223

85.362
4.353
0.567
2.127
0.145
0.016
0.044
0.013
0.080

82.513
5.334
0.677
2.422
0.159
0.015
0.049
0.024
0.083

71.652
6.971
0.928
2.809
0.169
0.029
0.063
0.054
0.003

1.380
0.972
0.972

1.102
0.828
0.828

1.107
0.804
0.804

2.07
2.26
-9.33
-0.46
20.24

2.07
2.16
-4.38
-2.91
22.52

2.04
1.33
34.60
2.10
31.59

139

Table E.7. Conversion and products distribution from catalytic runs 20 wt% additive
and 80 wt% FCC catalyst using thiophene/TMB , with 1.22 wt% thiophene, at 530
°C, at different reactor times, and C /0= 5.9 ±0.2
Reaction Time, s
Hydrocarbon products, %mole

C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-Tetramethylbenzene
Pentamethyl Benzene
N aphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane 1,1-di-3,4-Xylyl
Coke distribution

Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance

Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.585
0.660
0.115
0.115
1.255
4.159
0.216
86.108
3.579
0.421
1.222
0.063
0.003
0.048
0.037
0.123

0.979
1.080
0.160
0.160
1.945
6.824
0.221
78.781
5.420
0.675
1.933
0.104
0.007
0.138
0.057
0.102

1.171
1.300
0.192
0.192
2.276
7.733
0.221
76.290
6.108
0.762
2.152
0.129
0.018
0.043
0.036
0.065

1.066
0.705
0.705

1.452
0.905
0.905

1.386
0.828
0.828

2.07
1.97
4.87
3.62
21.61

2.03
1.82
10.31
2.06
28.69

2.07
1.54
29.00
0.70
28.88
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Table E.8. Conversion and products distribution from catalytic runs 30 wt% additive
and 70 wt% FCC catalyst using thiophene/TMB , with 1.22 wt% thiophene, at 530
°C, at different reactor times, and C/O- 5.9 ±0.2
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-Trimethylbenzene
1-ethyl-2,4 dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Naphtalene-x-methyl
Naphtalene-x,y-dimethyl
Naphtalene-x,y,z-trimethyl
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Thiophene inject, mg th
Mass of Thiophene out, mg th
Thiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.545
0.737
0.118
0.118
1.305
5.215
0.219
82.812
4.951
0.565
1.663
0.076
0.010
0.006
0.072
0.106

0.746
0.969
0.149
0.149
1.563
5.213
0.225
82.865
4.334
0.506
1.415
0.073
0.002
0.134
0.069
0.081

0.926
0.856
0.154
0.154
2.064
8.728
0.206
72.804
8.269
1.047
3.245
0.167
0.017
0.036
0.028
0.100

1.282
0.693
0.693

1.303
0.731
0.731

1.365
0.951
0.951

2.11
1.97
6.52
4.82
21.56

2.11
2.04
4.09
-7.04
24.47

2.10
1.49
28.89
3.13
32.61
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Table E.9. Conversion and products distribution from catalytic runs of additive and
FCC catalyst mixtures using benzothiophene/TMB , with 0.6 wt% benzothiophene, at

Inventory of catalyst mixture
HIPZ-D additive, wt%
FCC catalyst, wt%
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-T rimethylbenzene
1-ethyl-3 dimethyl Benzene
l-ethyl-x,y dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Unreacted Benzothiophene
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Total coke, wt%
Sulfur Balance
Mass of Benzothiophene inject, mg Bth
Mass of Benzothiophene out, mg Bth
Benzothiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

OO K>
o o

530 °C, at 10s, and C /0= 5.9 ±0.1

30
70

100
0

0.869
1.114
0.108
0.164
2.383
10.974
0.224
65.574
12.854
0.224
0.066
4.874
0.338
0.443
0.014

0.845
1.168
0.091
0.174
1.898
6.922
0.213
78.736
7.008
0.213
0.812
1.418
0.127
0.507
0.081

0.284
0.093

3.230
1.165
3.230

3.448
1.063
3.448

0.000

4.498

3.413
1.948
3.413

1.02
0.80
21.70
-5.75

1.03
0.86
16.46
-5.03

1.03
0.85
17.08
-3.19

1.03
0.89
13.94
-0.50

1.01
0.90
11.05
6.29

46.33

38.29

42.47

31.65

31.57

0
100

10
90

1.418
1.652
0.184
0.189
3.212
13.533
0.213
60.806
12.892
0.213
0.045
5.053
0.319
0.373
0.108

1.222
1.573
0.148
0.240
2.822
10.530
0.246
69.300
9.728
0.246
1.283
2.220
0.199
0.420
0.069

4.498
0.000

0.000

0.018
0.242
3.774
0.227
76.213
17.040
0.227
0.948
0.641
0.024
0.426
0.070

0.895
0.000
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Table E.10. Conversion and products distribution from catalytic runs 20 wt%
additive and 80 wt% FCC catalyst using benzothiophene/TMB , with 0.6 wt%
benzothiophene, at 530 °C, at different reactor times, and C /0= 5.9 ±0.1
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-T rim ethylbenzene
1-ethyl-3 dimethyl Benzene
l-ethyl-x,y dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Unreacted Benzothiophene
Ethane 1,1 -di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Benzothiophene inject, mg Bth
Mass of Benzothiophene out, mg Bth
Benzothiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.551
0.760
0.065
0.118
1.582
6.359
0.248
80.858
6.492
0.248
0.835
1.464
0.149
0.500
0.019

0.786
1.044
0.103
0.152
1.820
7.722
0.531
79.282
5.931
0.531
0.734
1.249
0.120
0.452
0.074

0.869
1.114
0.108
0.164
2.383
10.974
0.224
65.574
12.854
0.224
0.066
4.874
0.338
0.443
0.014

1.514
0.839
1.514

2.126
1.126
2.126

3.230
1.165
3.230

1.03
1.01
1.87
-6.93

1.03
0.95
7.42
-4.84

1.03
0.85
17.08
-3.19

25.14

27.23

42.47
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Table E .ll. Conversion and products distribution from catalytic runs 100 wt%
additive using benzothiophene/TMB , with 0.6 wt% benzothiophene, at 530 °C, at
different reactor times, and C /0= 5.9 ±0.1
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-T rimethylbenzene
1-ethyl-3 dimethyl Benzene
l-ethyl-x,y dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Unreacted Benzothiophene
Ethane 1, l-di-3,4-Xylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Benzothiophene inject, mg Bth
Mass of Benzothiophene out, mg Bth
Benzothiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.084

0.152
0.015

0.284
0.093

0.000

0.000

0.537
0.050

0.018
0.197
2.934
0.232
80.887
13.826
0.232
0.417
0.775
0.024
0.456
0.066

0.018
0.242
3.774
0.227
76.213
17.040
0.227
0.948
0.641
0.024
0.426
0.070

0.000

0.000

0.000

0.975

1.041

0.895

0.000

0.000

0.000

0.000
0.000
0.000

0.092
1.619
0.247
87.211
9.442
0.247
0.235
0.472
0.011

\
1.02
1.16
-6.44
6.31
20.49

1.03
0.98
4.73
-0.55
26.03

1.01
0.90
11.05
6.29
31.57
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Table E.12. Conversion and products distribution from catalytic runs 100 wt% FCC
catalyst using benzothiophene/TMB , with 0.6 wt% benzothiophene, at 530 °C, at
different reactor times, and C /0= 5.9 ±0.1
Reaction Time, s
Hydrocarbon products, %mole
C3's
C4's
C5's
Benzene
Toluene
x,y-dimethyl benzene (Xylene)
l-ethyl-2-methyl Benzene
Unreacted 1,3,5-Trimethylbenzene
x,y,z-T rimethylbenzene
1-ethyl-3 dimethyl Benzene
l-ethyl-x,y dimethyl Benzene
x,y,z,n-T etramethylbenzene
Pentamethyl Benzene
Unreacted Benzothiophene
Ethane l,l-di-3,4-X ylyl
Coke distribution
Coke in catalyst, wt%
Coke in additive, wt%
Coke, wt%
Sulfur Balance
Mass of Benzothiophene inject, mg Bth
Mass of Benzothiophene out, mg Bth
Benzothiophene conversion, wt%
Closed mass balance, %
TMB Conversion, wt%

5

7

10

0.751
1.173
0.132
0.170
2.201
7.695
0.253
77.844
6.637
0.253
0.882
1.525
0.147
0.464
0.127

0.979
1.287
0.145
0.162
2.557
10.521
0.238
68.965
10.402
0.238
0.714
3.728
0.290
0.325
0.091

1.418
1.652
0.184
0.189
3.212
13.533
0.213
60.806
12.892
0.213
0.045
5.053
0.319
0.373
0.108

2.711

3.034

4.498

0.000

0.000

0.000

2.711

3.034

4.498

1.05
1.08
-3.04
3.28

1.03
0.89
13.05
-5.40

1.02
0.80
21.70
-5.75

31.62

38.66

46.33

